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Abstract
IGCC with CO 2 capture offers an exciting approach for cleanly using abundant coal
reserves of the world to generate electricity. The present state-of-the-art synthesis
gas (syngas) cleanup technologies in IGCC involve cooling the syngas from gasifier
to room temperature or lower for removing Sulfur, Carbon dioxide and Mercury,
leading to a large efficiency loss. It is therefore important to develop processes that
remove these impurities from syngas at an optimally high temperature in order to
maximize the energy efficiency of an IGCC plant. The high temperature advanced
syngas cleanup technologies are presently at various stages of development and it is
still not clear which technology and configuration of IGCC process would be most
energetically efficient.
In this thesis, I present a framework to assess the suitability of various candidate
syngas cleanup technologies by developing computational simulations of these pro-
cesses which are used in conjunction with Aspen Plus® to design various IGCC flow-
sheet configurations. In particular, we evaluate the use of membranes and sorbents
for CO 2 separation and capture from hot syngas in IGCC, as a substitute to solution-
based absorption processes. We present a multi-stage model for CO 2 separation from
multi-component gas mixtures using polymeric membranes based on the solution-
diffusion transport mechanism. A numerical simulation of H2 separation from syngas
using Pd-alloy based composite metallic membranes is implemented to assess their
performance for CO 2 sequestration. In addition, we develop an equilibrium-based
combined pressure and temperature swing adsorption-desorption model to estimate
the amount of energy required for capturing pollutants using regenerable sorbent
beds. We use our models with Aspen Plus® simulations to identify optimum de-
sign and operating conditions for membrane and adsorption processes in an IGCC
plant. Furthermore, we identify from our simulations desired thermodynamic proper-
ties of sorbents and material properties of membranes that are needed to make these
technologies work successfully at IGCC conditions. This should serve to provide an
appropriate direction and target for ongoing experimental efforts in developing these
novel materials.
Thesis Supervisor: William H. Green
Title: Professor
Acknowledgments
I would like to thank Bill for his indispensable guidance, wisdom and encouragement
during my two years in his group. I appreciate the independence he has given me over
this period to pursue my own ideas and, the time and energy he has invested in me.
I would like to thank Randy for his continued guidance and patient troubleshooting
of all problems related to flowsheet simulations. David for his insightful analysis,
discussions and friendship. I would like to thank all the Green group members for their
valuable comments during group meetings. Laura for taking care of all administrative
issues and timely reminders. Barbara for keeping me well fed during seminars, setting
up meetings with Bill and making me always feel welcome. Finally, I would like to
thank BP for funding this research work.

Contents
1 Introduction
1.1 Motivation .................................
1.2 Goals and Outline of Thesis . . . ......................
2 IGCC Process Simulation
2.1 IGCC with cold syngas cleanup .....................
HRSG Power Optimization . . . . . . . . . . . . . . . . . .......
2.2 IGCC with Hot Syngas Cleanup . .. . . . . . . . . ...........
2.3 IGCC Water Consumption .. . . . . . . . . . .... . . . .....
3 Membranes for H 2 Separation
3.1 Polymer Membranes for H2 Separation .........
Mechanisms of Gas Transport in Polymeric Membranes
H2 Polymeric Membranes in IGCC . . . . . . . . . . .
3.2 Inorganic Membranes for H2 Separation . . . . . . . . .
Hydrogen Transport in Thin Pd-alloy Membranes . . .
Hydrogen Membrane Model . . . . . . . . . . . . . ..
Results and Discussion . . . . . . . . . . . ..
3.3 H2 Membranes in IGCC with CCS Process . . . . . . .
4 Membranes for CO 2 Separation
4.1 Inorganic CO 2 membranes . . . . . . . . . . . . . . . . . . . . .
4.2 Polymeric CO 2 Membranes...... .................
25
25
30
30
34
37
. . . . . . . . 38
. . . . . . . . 38
. . . . . . . . 43
. . . . . . 47
. . . . . . . . 51
. . . . . . . 53
. . . . . . . 55
. . . . . . . . 58
63
63
64
Facilitated Transport Membranes . . . .
Supported Ionic Liquid Membranes . . .
4.3 CO2 Membrane Modeling . . . . . . . .
Solution Diffusion Model . . . . . . . . .
4.4 Multicomponent Gas Separation Model .
Modeling Equations ............
Solution Methodology . . . . . . . . . .
Integration of Models with Aspen Plus®
4.5 Results and Discussion . . . . . . . . . .
CO 2 Membrane in IGCC with CCS . . .
5 Adsorbents for CO2 Separation
5.1 Adsorption and Desorption Model . . . . . . . . . . . . . . . . . . . .
5.2 Results and Discussion ..........................
6 Summary and Further Work
6.1 Summary of Results . . . . . . .
Warm CO 2 Capture ........
Membranes for H2 Separation
Membranes for CO 2 Separation
Sorbents for CO 2 Capture . . . .
6.2 Conclusions . . . . . . . . .
A IGCC Aspen Plus® Flowsheet
A.1 Overall Process Description . . .
A.2 Physical Properties ........
A.3 Air Separation Unit ........
A.4 Gasifier ..............
A.5 Gas Scrubber .........
A.6 Water Gas Shift Reactors . . . .
A.7 High Temperature Sulfur Removal
97
. . . . . . 97
..... . 97
. . . . . . 98
. . . . . . 100
. . . . . . 102
. . . . . . 103
105
. . . . . . . . . . . . . . 106
. .. .. . ..... .... . . 108
... . . .. .... . . 109
. . . . . . . . . 111
. . . . . .. . . . . . . . . . . . 1 14
... ... ...... ..... ... 1 15
... ... ...... ..... ... 1 16
. . . . . . 65
. . . . . . 66
. . . . 67
. . . . . . 67
. . . . . . 71
..... . 72
. . . . . . 75
. . . . . . 76
. . . . . . 76
. . . . . . 81
85
86
91
A.8 Carbon dioxide Removal ................... ...... 119
A.9 Carbon dioxide Compression . .................. .... 120
A.10 Syngas Expansion and Gas Turbine . .................. 123
A.11 Heat Recovery and Steam Generation . ................. 125
A.12 Model Analysis and Convergence . .................. . 129
9
10
List of Figures
1-1 Estimated plant efficiencies for IGCC, PC and NGCC with and without
CCS from Ref [5] .................... ........ 21
2-1 IGCC with CCS and Cold Syngas Cleanup . .............. 27
2-2 Effect of Diluent for NO. ........................ 28
2-3 Heat Recovery and Steam Generator Optimization ........... 31
2-4 IGCC with CCS and Warm Syngas Cleanup . ............. 33
3-1 Robeson's upper bound analysis for H2/CO 2 separation with polymeric
membranes [59], 1 Barrer is 1010(cm 3 STP cm)/(cm 2 s cm Hg)..... . 40
3-2 Slope of plot In aA/B vs In PA gives empirical estimate of A. Free-
man's [22] analysis of experimental values of A (y-axis) compared against
A predicted by Eq.3.5 .......................... 42
3-3 Front factor of plot In aA/B vs In PA gives empirical estimate of 3.
Freeman's [22] analysis of experimental values of 3 (y-axis) compared
against 3 predicted by Eq.3.6. The units of/3 are [cm 3 (STP) cm/(cm 2 s cmHg)] -A/B
42
3-4 Performance of PBI polymer membrane developed by LANL .... . 43
3-5 Cost of membrane unit with varying H2 permeability for a membrane
thickness of 120 pm, pressure ratio of 50 and H2 /CO 2 selectivity of 20.
Assuming a cost of $50 per m2 . . . . . . . . . . . . . . . . . . . ... 44
3-6 CO 2 capture with varying H2/CO 2 selectivity and hydrogen recovery
of 99% ........ ..... ... .. .. ..... ......... 45
3-7 IGCC thermal efficiency (HHV) for different capture level using H2
polymeric membrane. H2/CO 2 selectivity of 40, H2 permeability 100
Barrer [36], thickness of 3 pm and H2 recovery of 99% ........ . 46
3-8 Hydrogen Transport in Pd-alloy Membrane . .............. 52
3-9 Hydrogen Membrane Model ....................... 53
3-10 H2 Partial Pressure Profile across Membrane for feed pressure 50 bar,
permeate pressure 5 bar, feed to sweep ratio 5:1, thickness 3pm, H2
recovery 99.6% ........ ..................... . 55
3-11 H2 flux across Membrane for feed pressure 50 bar, permeate pressure
5 bar, feed to sweep ratio 5:1, thickness 3tm, H2 recovery 99.6% . . . 57
3-12 H2 recovery for feed pressure 50 bar, permeate pressure 5 bar, feed to
sweep ratio 5:1, thickness 3um, H2 recovery 99.6% . .......... 57
3-13 Cost of membrane for varying pressure ratios for a 1710 MW thermal
IGCC-CCS plant, feed to sweep ratio 2:1, thickness 3[Lm, cost of $2800
per m 2  . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . .. . 58
3-14 H2 Membrane operation in IGCC with CCS ............. . 59
3-15 Effect of N2 sweep on the cost of membrane unit for a 1710 MW thermal
IGCC-CCS plant, membrane thickness 3pm, cost of $2800 per m2 . . 60
3-16 Efficiency Improvement of IGCC with CCS as a function of H 2 re-
covery and permeate pressure ratio, for a Pd-Ag membrane, assuming
negligible mass transfer limitations in the gas phase........... 61
4-1 Facilitated transport of CO 2 in a membrane . ............. 66
4-2 Solution-Diffusion Transport . .................. .... 69
4-3 Counter Current Membrane Separation . ................ 72
4-4 Variation of partial pressure difference across the length of membrane,
QCO2/H2 = 100, Pressure ratio 10 for a membrane specification given
in Table 4.1 ............ .. .......... ...... 78
4-5 Concentration of retentate along the length of membrane, aCo2 /H2 = 100,
Pressure ratio 10 for a membrane specification given in Table 4.1 . . 78
4-6 CO 2 capture with varying pressure ratio. aco2 /H 2 = 100 and perme-
ability of 3650 Barrer. The target CO 2 purity is 0.95 . ........ 79
4-7 CO 2 capture by membranes of varying selectivity at a pressure ratio of
20. The target CO 2 purity is 0.95 .................... 80
4-8 Capital cost of membrane module as a function of CO 2 capture, aco 2/H 2
- 500, aco 2/H20 = 500 .......................... 80
4-9 IGCC efficiency (a) and associated capital expenditure (b) for different
permeate pressures as a function of CO 2 capture level. alphaco2/H2 -
500, PH20 >> Pco2 . . . . . . . . . . . . . . . . . . . .  .. . . . .  83
4-10 CO 2 recovery by membrane having CO 2 permeability of 3650 Barrer
and varying selectivity at different operating pressures . ....... 84
5-1 Fixed sorbent bed process for modeling CO 2 adsorption desorption . 86
5-2 Modeling pressure and temperature swing adsorption desorption cycle 89
5-3 Ratio of CO 2 to steam required for regenerating sorbent bed at various
enthalphy of adsorption and capture levels for a regeneration pressure
of 1 atm and steam temperature = 550 K . .............. 93
5-4 Estimated capacity of the sorbent at various enthalphy of adsorption
and capture levels for a regeneration pressure of 1 atm and steam
temperature = 550 K ......................... .. 93
5-5 Ratio of steam to CO 2 required for regenerating sorbent bed at various
regeneration pressures, hypothetical sorbent with AHads = -61 kJ/mol,
steam temperature = 550 K ....... ............... 95
5-6 IGCC thermal efficiency as a function of bed regeneration pressure
and CO 2 capture percentage, hypothetical sorbent with AHads = -61
kJ/mol, steam temperature = 550 K .................. 96
A-I IGCC Process Flowshcet .............. ...... .. 107
A-2 Air Separation Unit .................. ......... 110
A-3 Gasification section .................. ........ .. 113
A-4 Scrubbing section ................... ... . . 114
A-5 Water Gas Shift Unit ................... ........ 115
A-6 High Temperature Sulfur Removal Unit . ................ 118
A-7 CO 2 Removal Unit ................... ......... 119
A-8 CO 2 compression unit ........................... 122
A-9 Syngas expansion and gas turbine unit . ................ 123
A-10 Steam turbine and heat recovery unit .................. 128
List of Tables
2.1 IGCC with CO 2 Capture: Plant Operating Conditions . ....... 29
2.2 Efficiency Improvement Using Warm Cleanup . ............ 32
2.3 Comparison of Water Use in IGCC and PC plants . .......... 34
2.4 Comparison of Water Use in Warm and Cold Syngas cleanup IGCC . 35
3.1 Hydrogen Separation Factors of First-Generation Commercial Gas Sep-
aration Membranes ............................ 38
3.2 Properties of Common Gas Molecules . ................. 41
3.3 Performance of Pd-alloy composite membranes from experimental data
in literature . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . .. 47
3.4 Theoretical Knudsen selectivities . .................. . 50
3.5 CO 2 Purity Specification for Sequestration . .............. 54
3.6 Retentate Composition after Membrane Separation, assuming H2 Re-
covery of 99.5% ............ .. .. .. .. .......... 54
3.7 Simulation Operating Parameters . .................. . 56
3.8 IGCC Efficiency comparison between Selexol® and high temperature
H2 membrane for CO 2 Capture at permeate pressure of 10 bar, Feed
to sweep flowrate ratio 3.78:1 .................... .. 61
4.1 Operating conditions and design parameters of membrane module . . 77
4.2 Optimal CO 2 Membrane Performance . ................. 81
5.1 Hydrotalcite sorbent performance at IGCC conditions with steam re-
generation at 1 atm and 550 K ................. . . . . 92
5.2 Optimal Sorbent Performance with Steam Regeneration at 0.75 atm
and 550 K
A.1 IGCC Process Flowsheet . . . . . . . .
A.2 Coal Component Attributes . . . . . .
A.3 Air separation unit . . . . . . . . . ..
A.4 Gasifier Reactions . . . . . . . . . . . .
A.5 Gasifier section specification . . . . . .
A.6 Water Gas Shift Reactors . . . . . . .
A.7 Sulfur Removal Reactions . . . . . . .
A.8 High Temperature Sulfur Removal . . .
A.9 Carbon dioxide Removal . . . . . . . .
A.10 CO 2 Compression Unit . . . . . . . . .
A.11 Syngas expansion and gas turbine . . .
A.12 Heat recovery steam generation section
A.13 MHeatX block specification . . . . . .
A.14 Transfer blocks used in flowsheet for hea
A.15 Optimization Specification . . . . . . .
.t integration
106
108
109
111
112
115
116
117
119
121
124
126
127
127
129
Chapter 1
Introduction
1.1 Motivation
Gasification is an established technology that is used to generate electricity or pro-
duce synthetic fuels by reacting carbonaceous materials, such as coal, liquid fuels, or
biomass at high pressure and temperatures with a controlled amount of oxygen. In
contrast, the combustion technology used in conventional pulverized coal (PC) power
plants uses air in excess to completely convert all fuel carbon to C0 2 . Gasification
generally uses one-fifth to one-third of the amount of oxygen theoretically required for
complete combustion to only partially oxidize the combustible constituents of coal.
The heat generated by the partial oxidation provides most of the energy required
to break chemical bonds in the coal, increase the products to reaction temperature,
and drive heat-absorbing gasification reactions. Gasification can be used to extract
energy out of a variety of carbon bearing feedstocks that includes fossil fuels like
Coal, Petroleum coke and also organic renewable materials like Biomass. Integrated
Gasification Combined Cycle is an electric power generation concept that combines
gasification with gas turbine (Brayton cycle) and steam turbine (Rankine cycle) for
power generation. The gas mixture resulting after gasification of carbonaceous feed-
stock consists primarily of Carbon monoxide and Hydrogen and is called synthesis
gas or simply syngas. This syngas is used as a fuel stream in the gas turbine burner
and drives the the combined cycle.
It is predicted that coal will continue to be a significant part of the world's energy
portfolio in the future and its use will see continued growth especially in the developing
world [8, 6]. Unfortunately, a major problem with present coal technology is the high
level of contaminants in the feedstock, including nitrogen and sulfur compounds,
trace amounts of heavy metals, and a large amount of carbon, which is eventually
oxidized to become carbon dioxide. Gasification represents a significant advancement
and benefit over combustion or incineration as it has been shown to achieve lowest
levels of criteria pollutant air emissions (NOr, SO, CO, PM10) of any coal- fueled
power plant technology [56]. With abundant and cheap reserves of coal in the world,
coal gasification presents a potential for meeting world's growing energy needs at the
same time achieving better environmental performance.
However, with increasing concern among the scientific community that global
warming is occuring owing to greenhouse gas emission, it has become important that
we also focus on CO 2 capture from coal based power plants. According to the Energy
Information Administration (EIA) within the U.S. DOE, approximately 83% of the
GHG emissions (CO 2 , CH 4 and N2 0) in the U.S. are produced from combustion and
nonfuel uses of fossil fuels [2]. In this regard too, IGCC as compared with conventional
combustion-based power generation, has an advantage of cost-effective carbon capture
capability. The gasification process operates at high pressure and results in a syngas
that has a relatively high CO 2 concentration up to 15%. This can be further increased
via water-gas shift reaction (WGS), which converts H20 and CO to CO 2 and H2, prior
to combustion. The addition of WGS reactors to an IGCC system yields a syngas
primarily composed of H2 and CO2, with CO 2 concentration as high as 40%. This
compares with CO 2 concentration of about 12% in the flue gas discharged from a
conventional PC plant. IGCC's high CO 2 partial pressure leads to larger differences
in chemical potential that facilitates easier separations and lower volumes that permit
the use of low-temperature physical solvents like Rectisol or Selexol®, or chemical
solvents such as amines for CO 2 removal. In general, IGCC design and operating
characteristics yield more CO 2 control options and more compact process equipment
leading to improved cost and performance.
The HHV thermal efficiency of the conventional IGCC plant without CO 2 cap-
ture is reported to be within 41-46% [14, 18, 51]. Various studies predict that
the efficiency of an advanced IGCC plant with CO 2 capture lies within 32-43%
[14, 18, 60, 31, 32, 17, 51] but has the potential to be as high as 45% if advanced zero
emission concepts such as fuel cells are used [4]. By comparison, combustion-based
power plants have efficiencies that range from about 18-43%. The average power plant
efficiency for plants in U.S. firing black coal (primarily bituminous and sub-bituminous
coals) in 2004 was about 34.6% and of these supercritical power plants had an average
efficiency of 34.3% [1]. One study identified the upper end of supercritical pulverized
coal (SCPC) performance as 38.3% and that of ultrasupercritical (USCPC) perfor-
mance as 42-43% for bituminous and subbituminous coals [3]. Clearly, IGCC offers
an advantage in terms of energy efficiency over traditional pulverized coal (PC) power
plants. It is further attractive because of its ability to produce multiple products -
power and synthetic fuels. Therefore in recent years significant research has been
directed towards commercialization of IGCC with carbon capture and sequestration
(CCS) to make coal a truly clean and cost-efficient technology for future.
Carbon Capture and Sequestration Concepts
CO 2 capture in power generation processes can be broadly categorized into: Post-
combustion capture, Oxy-fuel combustion and Pre-combustion fuel decarbonization.
In post combustion capture most of the published works concern chemical or physical
solvents (e.g. amine scrubbing) for CO 2 absorption from exhaust gas. These are
now mature technologies that realize CO 2 separation at low temperatures with low
CO 2 concentration and partial pressure. For these reasons, it needs larger scale
equipments for CO 2 removal and chemical handling, with respect to pre-combustion
fuel decarbonization systems.
Oxy-fuel combustion uses 02 as fuel oxidant agent instead of air for combustion
with CO 2 recycled from the exhaust as an inert gas to keep temperatures at a con-
trolled level. This produces a large load on air separation unit (ASU) to generate all
the 02 required for complete combustion. Chemical looping is another concept where
metal particles are oxidized using 02 or steam, employed as an oxygen carrier and
then reduced to metal as the fuel is oxidized. CO 2 is captured from the reducer by
condensing water in the exhaust gas.
Pre-combustion fuel decarbonization involves separation of CO 2 from the process
before desired energy conversion. A C0 2-H2 rich gas produced through gasification of
fuel or methane-steam reforming (MSR) or auto-thermal reforming (ATR) with sub-
sequent water-gas shift (WGS) has a higher CO 2 partial pressure than exhaust gases.
CO 2 removal can be achieved by cooling the C0 2/H 2 stream and employing scrubbing
with physical or chemical solvents as with post-combustion. More advantageously,
smaller volumes in pre-combustion capture allow use of other novel possibilities like
membranes or sorbents for carbon capture.
Techno-economic Evaluation of CCS in IGCC
Several techno-economic studies have been done in recent years to evaluate the via-
bility of IGCC with CO 2 capture and storage. One notable study on cost and perfor-
mance of fossil fuel plants with CO 2 capture was carried out by Rubin et al. [62] using
Integrated Environmental Control Model (IECM) developed by Carnegie Mellon Uni-
versity for the US Department of Energy's National Energy Technology Laboratory
(DOE/NETL). It concluded an energy penalty (fractional reduction in plant power
output) of 14% for CO 2 capture using Selexol® process in an IGCC plant as compared
to base case of no capture. Results of a similar analysis carried out by DOE/NETL
report [5] are shown in Fig. 1-1 that assumes commercially available processes for
syngas cleanup and carbon capture. The study concluded carbon capture and se-
questration (CCS) causes reduction in HHV thermal efficiency of 12% points for PC
plants, 7% points for NGCC, and 6-9% points for IGCC plants.
Most of the techno-economic studies assume commericially available low temper-
ature technology for carbon capture. Carbon capture, if achieved at elevated temper-
atures, can maintain a higher overall efficiency of the plant and lead to lower capital
costs. It is therefore important to develop energetically favorable high temperature
gas separation processes. Eastman Chemical [66] predict that using high tempera-
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ture cleanup in IGCC without capture can have significant energy savings leading to
30%an improvement of 3.6% points in thermal efficiency (HHV) over low temperature
cleanup process. It remains to be evaluated whether similar gains can be achieved10%
in IGCC with CCS. Kaldis et al. [31] evaluated hydrogen selective low-temperatureFigure 1-1: Estimated plant efficiencies for IGCC, PC and NGCC with and without
CCS from Ref [5]
ture cleanup in IGCC without capture can have significant energy savings leading to
an improvement of 3.6% points in thermal efficiency (HHV) over low temperature
cleanup process. It remains to be evaluated whether similar gains can be achieved
in IGCC with CCS. Kaldis et al. [31] evaluated hydrogen selective low-temperature
polymer and high-temperature ceramic membranes for pre-combustion capture and
obtained a plant efficiency 8-14% points lower than a plant without capture. The
study, however did not include the energy required to compress capturedac 2 to de-
livery pressure. A techno-economic evalua power production of COselective membranes for carbon
capture based on data published for an operating IGCC plant, concluded an efficiency
penalty of 10% for adding such a process [24]. A study by Amelio et al. [91 comparing
Pd-based membrane reactor for CO2 capture in JGCC against conventional physical
absorption system suggested 3.46% lower efficiency for the membrane reactor mainly
duc to higher power consumption to produce steam as sweep gas for the reactor. The
study did not optimize the total power production of IGCC system while selecting
the sweep gas flow rate. A recent study [46] by Mondol et al. using advanced CO 2
capturing process based on the Absorption Enhanced Reforming (AER) reaction and
regenerable CaO sorbent in IGCC plant indicated their process to have 7% higher
thermal efficiency than lignite fired IGCC plant with conventional C0 2 capture.
In authors' knowledge there are no studies that compare use of sorbents and mem-
branes for high temperature pre-combustion decarbonization in IGCC partly because
of uncertainty that surrounds their incipient stage of development. The main chal-
lenge in developement of these technologies is the huge volume of gases that must
be separated and then compressed for underground sequestration. Because of the
tremendous coal throughput in a typical power plant, it is essential to design the
most energetically efficient process. In the case of sorbents, an efficient processs
would have to be reversible adsorption in order to reduce raw material costs and the
generation of large volumes of waste. The sorbent must not only be able to capture
carbon dioxide easily, but also the energy and capital costs to regenerate the sorbent
are equally important and must also be taken into account. Of the many materi-
als that have been proposed as potential warm-temperature carbon dioxide sorbents,
almost all suffer from low capacity at elevated temperatures or large energy penal-
ties associated with their regeneration. In the case of membranes, efficient operation
implies finding materials that are both selective and permeable to faster diffusing
species. Much work has been done with inorganic, polymeric, or hybrid membranes,
but thus far there has been considerable difficulty in producing materials that retain
significant C0 2/H 2 selectivity at elevated temperatures.
A traditional solution to address the hot gas separation problem would be to sys-
tematically test a large number of synthesized materials. This method is not only
costly and time-intensive, it is also often incomplete because not enough is known
about the optimal experimental operating conditions. In this study we present an
alternative approach in which computational techniques are employed first to help
glean a better understanding of the separation processes involved, to guide subse-
quent experimental research.
1.2 Goals and Outline of Thesis
The unifying theme of this thesis is the detailed modeling of gas separation processes
for syngas cleanup in IGCC with the aim of finding optimum operating conditions and
desired material properties. This is made possible by combining numerical models for
these separation processes with Aspen Plus® flowsheet simulations to model various
configurations of an IGCC plant. We develop a numerical simulation of the sorbent
bed to evaluate the ease of desorption for different pressure- and temperature-swing
processes. Given a sorbent with a known enthalpy of adsorption we minimize the
energy penalty by varying model parameters like fraction of carbon dioxide captured,
temperature and pressure of regeneration. Similarly for membranes, numerical sim-
ulations were performed using a multicomponent solution-diffusion membrane model
for carbon dioxide separation and a transport model for H2 separation in thin Pd-alloy
metallic membranes. The surface area of membrane, permselectivities, and permeate
pressure were some of the parameters varied to optimize the membrane separation
process. DOE has set cost and technical performance targets for H2 membranes that
should be achieved over next decade to make their use widespread in IGCC plants [16].
It would be highly desirable to have similar targets and an evaluation basis for various
hot syngas cleanup technologies. We develop a framework using the Aspen Plus@ pro-
cess simulator to determine the parasitic energy losses associated with a given carbon
capture technology and provide an assessment of its viability in an IGCC system.
In particular, we identify optimum design and operating conditions for membrane
and adsorption separation processes in IGCC. Through the use of our simulations,
we demonstrate a less costly and time-intensive method of warm-temperature design
of separations. The objective is to provide concrete reference point to researchers
engaged in development of adsorbents and membranes on desired material properties
required for their fruitful application in IGCC.
The thesis is organized as follows. Chapter 2 introduces the reader to Aspen Plus®
flowsheet modeling of IGCC process with cold and warm syngas cleanup cases. We
describe of various sections of a coal gasification plant and provide details on modeling
these processes using Aspen Plus@ . We evaluate the improvement in energy efficiency
that can be achieved by performing syngas cleanup at high temperatures and compare
the water consumption in both cases.
Chapter 3 provides an introduction to different types of hydrogen membranes
used for hydrogen separation. We present a model for thin Pd-alloy based composite
membranes for capturing CO 2 in IGCC by separating hydrogen from the fuel stream.
The results on effectiveness of these membranes are presented along with challenges
in their implementation.
Chapter 4 describes use of CO 2 membranes for precombustion decarbonization.
It provides details of a multi-component gas separation model based on solution-
diffusion transport in polymeric CO 2 membranes and its numerical implementation.
It also describes the interface developed between customized Matlab models and
Aspen Plus® for automating simulation runs.
Chapter 5 presents an equilibrium-based combined pressure and temperature
swing adsorption-desorption model for syngas cleanup. We provide details of model-
ing equations that are used to estimate the capacity of sorbent and energy required
for regeneration of the sorbent bed.
Chapter 6 contains a summary of the work and results presented in this thesis.
From various simulations we extract simple, overarching results on membrane and
sorbent properties for syngas cleanup in IGCC process. Finally we make suggestions
on directions for future research that would follow on the work presented in this thesis.
Chapter 2
IGCC Process Simulation
2.1 IGCC with cold syngas cleanup
A base case model of IGCC with CO 2 capture using the conventional low temperature
absorption process, as shown in Fig. 2-1, was developed in Aspen Plus® by Field et
al. [61]. The overall design is based on an NETL report [5] on coal to electricity
conversion. Coal is fed to an entrained-flow, oxygen-blown, slurry-fed gasifier whose
characteristics reproduce the Texaco-GE Energy gasification technology. The coal
slurry and the oxygen react in the gasifier at 5.6 MPa (815 psia) and 1370'C to produce
syngas. The oxygen for the gasifier is supplied from a cryogenic Air Separation Unit
(ASU). The syngas consists primarily of hydrogen and carbon monoxide, with lesser
amounts of water vapor and carbon dioxide, and small amounts of hydrogen sulfide,
carbonyl sulfide, methane, argon, and nitrogen. Syngas is cooled from 1370 OC to
593 'C in a radiant cooler and the molten slag solidifies in the process. The solids
collect in the sump at the bottom of the gasifier and are removed periodically using
a lock hopper system. The waste heat from this cooling is used to generate high-
pressure steam. The raw syngas is then quenched i.e., cooled by direct contact with a
large water stream, and gets saturated with water. It then passes through a scrubber
where a water wash is used to remove chlorides and particulate matter.
The syngas exiting the scrubber is adjusted to H20:CO molar ratio of 2:1 prior
to the first water gas shift reactor (WGS) reactor where its temperature increases
to 420 'C due to exothermicity of the reaction. Heat released at this temperature is
also used to generate high-pressure saturated steam. A second cooler stage of WGS
is added to achieve higher overall conversion of CO to CO 2. The WGS catalyst also
serves to hydrolyze COS thus eliminating the need for a separate COS hydrolysis
reactor. The syngas stream is then cooled to 39 'C by heating up feed water for the
HP boiler through a series of heat exchangers and knockout drums which takes out
most of the water present in the syngas.
The cooled syngas then enters gas cleanup section where mercury, H2S and CO 2
capture are carried out at low temperature. First it passes through a carbon bed
adsorption system to remove 95% of mercury. A two-stage Selexol® process is used
for acid gas removal where H2S is removed in the first stage and CO 2 in the second
stage of absorption system. The process results in three product streams, the clean
syngas, a CO2-rich stream and an acid gas feed that is sent to the Claus plant.
The Claus process is used for Sulfur recovery/tail gas cleanup. The CO2-rich stream
absorbed in the Selexol® is released in a series of flash drums at two pressure levels
all of which are then compressed to a final pressure of 150 bar. The high pressure
pure CO 2 (> 97%) is transported to the plant fence line and is sequestration ready.
The decarbonized syngas is composed primarily of H2 (90%), the remainder being
unconverted CO, unabsorbed CO2, and traces of CH 4 , N2, and water. The syngas
is reheated and humidified in a saturator with steam. It is then passed through an
expansion turbine to recover mechanical energy and bring it down to the delivery
pressure of the gas turbine. The clean syngas is diluted with nitrogen from ASU and
enters the gas turbine combustor. The amount of nitrogen addition is determined
by the requirement of maintaining appropriate lower heating value of syngas stream
feeding into the gas turbine burner to achieve sufficiently low NO_ emissions (15-
35 ppmvd at 15% 02) [11]. Fig. 2-2 shows the NO, level attained by combustion
of syngas of varying heating value in diffusive burners having H20, N2 or CO 2 as
diluent.
The decarbonized. diluted fuel undergoes combustion and power generation in
an advanced 7FB class gas turbine. The firing temperature (defined as inlet rotor
Water and Coal
Gasifier .S HgCO2
Scrubr Cooling Unit removal Hg CO2SRadiancrubber team compression
Radiant
Cooler
w/quench
Water Waste ater
--- > water HS toCaus Sequestration
Oxygen Steam to Claus
Steam ----> Reheat
Air Expand i Steam
SNirogn:-.ONExhaust
Compress
ASU Gas Turbine HRSG
----- -W- GTurbine W- Steam
Figure 2-1: IGCC with CCS and Cold Syngas Cleanup
FulUed MO iat U%02 vs Hel~g VlE
4 @M us iM 5M O 10 111
Figure 2-2: Effect of Diluent for NO,
temperature) in the CO 2 capture cases is reduced to 1318-1327 'C for maintaining
parts life as higher H20 content (14-16 vol%) of the combustion products can lead
to a higher heat load on the gas turbine owing to higher heat capacity of steam than
other gases [7]. In the Aspen Plus@ simulation, accurate firing temperature range is
attained by adjusting the flow of cooling air from the compressor of gas turbine using
a design specification. The air intake of the compressor depends on the total gas flow
rate needed through the turbine.
High-temperature flue gas exiting the gas turbine is conveyed through the Heat
Recovery Steam Generator (HRSG) to recover the large quantity of thermal energy
that remains in the exhaust. The HRSG plus heat sources in upstream processes
produce steam at three different pressures by heating high pressure (HP), intermediate
pressure (IP) and low pressure (LP) boiler feedwater. Table 2.1 summarizes the
assumptions, representative of existing IGCC technology and its operating conditions,
adopted to generate results from our simulations.
Coal Handling, Gasifier, and ASU
Coal used
Ultanal analysis
Moisture
Gasifier
Coal HHV
Gasification pressure
Gasification Temperature
Syngas temperature at radiant cooler
Carbon conversion
Heat losses in gasifier, % of HHV
02 purity
Pressure of 02 to gasifier
Pressure of Air delivered to ASU
Pressure of N2 at gas turbine delivery
Illinois #6 Bituminous coal
C: 71.72%, H: 5.06%, 0: 7.75%,
N: 1.41%, S: 2.82%, Ash: 10.91%
12%
GE Radiant Cooling
13,126 Btu/lb
5.60 MPa
1370 OC
593 OC
98%
1%
95% vol.
6.76 MPa
1.31 MPa
3.2 MPa
CO 2 Compressor
Final delivery pressure 150 bar
Compressor isentropic efficiency 85%
High pressure pump efficiency 75%
Temperature at intercooler exit 30 OC
Power Cycle
Gas Turbine Compressor Pressure Ratio 18.2
Gas Turbine Delivery Pressure 3.24 MPa
Steam Cycle Pressures 0.45 MPa, 2.9 MPa, 12.52 MPa
HRSG Minimum Internal 15 OC
Temperature Approach
HP Turbine Discharge Pressure 6.03 MPa
MP Turbine Discharge Pressure 2.9 MPa
IP Turbine Discharge Pressure 0.45 MPa
LP Turbine Discharge Pressure 0.0069 MPa
Table 2.1: IGCC with CO 2 Capture: Plant Operating Conditions
HRSG Power Optimization
The heat exchange between various streams in HRSG section is modeled in Aspen
Plus® using a MHeatX block which allows heat exchange between multiple process
streams. The heat available on the hot side depends on the configuration of gasifica-
tion and cleanup processes and is used to generate steam at three different pressure
levels as shown in Fig. 2-3. The steam generated first undergoes expansion through
high pressure (HP) turbine and is extracted at a pressure of 6 MPa for water gas
shift reaction which we denote as medium pressure (MP) steam. It is then expanded
in intermediate pressure (IP) and low pressure (LP) steam turbines. The steam ex-
iting the low pressure turbine is condensed and sent to boiler feedwater mixer. An
optimization routine has been set up in the flowsheet to maximize the net power
output from steam turbines, based on available heat from flue gas and other high
temperature process streams, constrained on a minimum internal temperature ap-
proach (MITA) value between hot and cold streams in MHeatX. The optimizer varies
the mass flow of HP, IP, and LP feedwater within certain bounds to maximize the net
combined work from all the steam turbines. This is contrained on maintaining the
internal approach temperature between various zones of MHeatX greater than 15 'C.
A Sequential Quadratic Programming (SQP) algorithm in Aspen Plus@ is used to
solve this non-linear optimization problem. Broadly defined, the SQP method is a
procedure that generates iterates converging to a solution by solving quadratic ap-
proximations to the non-linear program. Further details on optimization convergence
parameters are provided in Appendix A.12
2.2 IGCC with Hot Syngas Cleanup
Previous research at Eastman Chemical has shown that performing separations above
the dew point of water in the syngas stream can lead to significant gains in thermal
efficiency [55] for an IGCC plant without CO 2 capture. Our goal in this section is to
compute how large these gains could be for IGCC with CCS. A simulation of IGCC
with with C02 capture at high temperature was developed in Aspen Plus @ based on
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Figure 2-3: Heat Recovery and Steam Generator Optimization
the base case cold cleanup IGCC flowsheet of Field et al. [61]. The simulation assumes
same auxiliary and parasitic energy load for high temperature CO2 capture process
as for the conventional Selexol® process in cold cleanup, but with gas separations
occurring at 232 "C. That is the temperature of the cooled syngas after second water
gas shift reaction, which is higher than the dew point of steam in the syngas stream.
The main difference between the hot gas cleanup flowsheet and the base casea, as
shown in Fig. 2-4, is absence of a cooling section to lower the syngas temperature, since
carbon capture and pollutant removal are assumed to be accomplished using high
temperature processes. As a result steam is retained in the syngas stream throughout
the cleanup process and subsequently acts as a diluent in the gas turbine. A high
temperature ZnO based adsorbent process as reported by RTI [25] is used for H2S
and COS removal from the syngas in form of ZnS. The sorbent is regenerated by
oxidation in a stream of 02 from the ASU to form SO2 which is reacted with a slip
stream of syngas to yield elemental Sulfur. A custom user module is placed in the
Aspen Plus@ flowsheet for modeling novel high temperature CO 2 capture processes
such as using membranes or adsorbents. The sulfur removal unit is placed before
carbon capture in the flowsheet as many membranes and adsorbents become inactive
or poisoned in presence of sulfur. In hot cleanup, the decarbonized syngas does not
require reheating before undergoing expansion, thus saving steam usage from the
HRSG. Also, the amount of nitrogen diluent added to syngas before entering the gas
turbine is much lower than in the cold cleanup base case as syngas already contains
a lot of steam diluent. This reduces the parasitic load for compressing nitrogen from
ASU pressure to the delivery pressure of gas turbine. Additional energy saving may
come from the possibility of operating the ASU at an altogether lower pressure.
Table 2.2 shows comparison of IGCC efficiency in warm syngas cleanup against
cold cleanup assuming a hot CO 2 capture process having similar energy requirement
as two-stage Selexol® . Hot syngas cleanup can directly bring an improvement of 2.3%
electrical ouput of the plant, equivalent to a 0.8% point increase in thermal energy
efficiency (HHV) of the IGCC plant. The main benefit of warm cleanup comes from
reduction the amount of nitrogen diluent added to syngas entering gas turbine as
it already contains steam. This reduces the parasitic load for compressing nitrogen
from ASU pressure to the delivery pressure of gas turbine. Also, in hot cleanup, the
decarbonized syngas does not require reheating before undergoing expansion, thus
saving steam usage from the HRSG. Some of this gain is partially offset by lower
output from the steam cycle as the cold cleanup generates higher amount of low
pressure (LP) steam while cooling the syngas to room temperature. These results
provide us a target operating temperature of w 240 "C for modeling warm cleanup
processes using our computational approach.
WarmPower Summary (MW) Cold Cleanup Cleanup
Selexol@ Warm Removal
Total Power Generated 803.4 792.3
Nitrogen Compression -44.9 -20.2
Carbon Dioxide Compression -29.9 -30.1
Auxiliary Power Loads -156.7 -156.7
Net Power Output 571.9 585.3
Thermal Efficiency (HHV) 33.44% 34.23%
Table 2.2: Efficiency Improvement Using Warm Cleanup
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2.3 IGCC Water Consumption
A typical IGCC unit uses less water than conventional coal plants. Table 2.3 presents
the results of a DOE study [63] that compared water use from an IGCC plant1 with
two supercritical PC power plants. For these plants, the IGCC plant water usage
is 35% to 45% less than the PC plants water usage. Combined cycle plants get
about two-thirds of their power from the gas turbine, which generates energy without
using steam, and as a result do not have the same requirement for cooling water
and therefore a lower demand for water. Lower water consumption of IGCC is a
significant advantage over PC combustion power generation in arid locations.
Supercritical Supercritical
Water Usage IGCC Plant PC PC
Plant A Plant B
Cooling Tower 608 1099 984Makeup (gal/MWh)
Total Makeup Water 678 1169 1042(gal/MWh)
Table 2.3: Comparison of Water Use in IGCC and PC plants
In a coal-fired plant cooling tower makeup constitutes the bulk of water usage
while other non-cooling usage include slurry, slag handling, quench/scrubber and
boiler feedwater. Some of this water can be internally recycled within the IGCC
plant. In cold cleanup case the water fed with the slurry and evaporated in the quench
is partly recovered by condensation in the cooling section before syngas cleanup. On
other hand, in IGCC with warm cleanup steam diluent is emitted along with the
stack gases. Table 2.4 compares the raw water demand between the cold and warm
syngas cleanup IGCC flowsheets. Warm syngas cleanup processes have same water
demand as cold cleanup, however, they need higher total raw water makeup because
of lower recycling. However, the lower condenser duty in warm syngas cleanup leads
to lower cooling water requirement and partially offsets the loss of steam diluent in the
exhaust. The simulations suggest that warm syngas cleanup has marginally higher
water requirement of 1.6 m3/min (5% more) than cold cleanup which is essentially
'520 MW bituminous coal-fired plant
Raw Water Makeup Raw Water Makeup
Water Use Cold Cleanup Warm Cleanup
m3/min m3/min
Slurry 0.0 1.6
Slag Handling 0.5 0.5
Quench/Scrubber 1.3 2.1
BFW Makeup 0.2 0.2
Shift Steam 1.8 1.8
Cooling Tower 16.5 15.7
Total 20.3 21.9
Total gal/MWh 558.3 588.5
Table 2.4: Comparison of Water Use in Warm and Cold Syngas cleanup IGCC
same when compared on a gal/MWh basis because of higher efficiency of IGCC with
hot syngas cleanup configuration.
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Chapter 3
Membranes for H 2 Separation
A wide variety of membranes are being extensively developed for gas separation and
purification applications involving CO 2 and H2. Membranes offer advantages of clean
operation, simplicity of operation and maintenance, compatibility and small size.
Membranes are used commercially to separate air, to remove carbon dioxide from
natural gas, and to remove hydrogen from mixtures with nitrogen or hydrocarbons
in petrochemical processing applications. For a given pair of gases (e.g., C0 2/H 2,
C0 2/N 2, H2/N 2, etc.), the fundamental parameters characterizing membrane sepa-
ration performance are the permeability coefficient, Pi, and the selectivity, ai/j. The
permeability coefficient is the product of gas flux and membrane thickness divided
by the pressure difference across the membrane. Gas selectivity is the ratio of per-
meability coefficients of two gases (a,/j = PilPj), where Pi is the permeability of the
more permeable gas and P, is the permeability of the less permeable gas in the bi-
nary gas pair. Membranes with both high permeability and selectivity are desirable.
Higher permeability decreases the amount of membrane area required to treat a given
amount of gas, thereby decreasing the capital cost of membrane units, while higher
selectivity results in a higher purity product gas. The membranes used for hydrogen
separation can be broadly categorized as polymeric or inorganic.
3.1 Polymer Membranes for H 2 Separation
Hydrogen-selective polymeric membranes exploit the very small size of the hydrogen
molecule to allow rapid diffusion of hydrogen through the membrane while excluding
other gases. The first polymeric hydrogen membranes successfully implemented in
industrial-scale were polysulfone asymmetric hollow-fiber membranes for hydrogen
recovery from ammonia purge gases [26]. Subsequently, cellulose acetate membranes
were used for natural gas purification and dehydration and hydrogen recovery from
recycling refinery gas [65]. Table 3.1 summarizes the hydrogen transport properties
of the first-generation commercial polymer membranes for gas separation.
Membrane Material Developer H2/N 2  H2/CO H2/CH 4  Ref.
Polysulfone Silicone rubber Monsanto 39 23 24 [26]
Polyimide Ube 35.4 30 [42]
Cellulose acetate Separex 33 21 26 [65]
Table 3.1: Hydrogen Separation Factors of First-Generation Commercial Gas Sepa-
ration Membranes
Mechanisms of Gas Transport in Polymeric Membranes
Polymeric membranes can be divided into two major classes: porous and nonporous,
and the transport of gases through these membranes can occur by various mechanisms.
In a porous membrane, diffusion occurs by mechanisms that are largely dependent
on the morphology of the membrane (i.e., pore size) and the size of the diffusing
molecule: Knudsen diffusion, surface diffusion, capillary condensation, and molecular
sieving. In Knudsen diffusion, the pore size is such that the diffusing species collides
more frequently with the pore wall than with other diffusing molecules. With surface
diffusion, molecules adsorb on the surface of the pores and subsequently move from
one site to another of lower concentration. Capillary condensation occurs when the
pore size and the interactions of the penetrant with the pore walls cause condensation
in the pore that influences the rate of diffusion across the membrane. Molecular
sieving occurs when the pore size approaches the size of the diffusing molecules,
thus requiring the activation energy, which is strongly controlled by the size of the
molecule, to be overcome before diffusion occurs. In dense, nonporous membranes,
transport through the membrane is controlled by the solution-diffusion mechanism.
Under this transport mechanism, the penetrant molecules dissolve into the polymer
membrane and then diffuse through the membrane, driven by a chemical potential
gradient. Because this mechanism controls permeation in polymeric gas separation
membranes, it will be further discussed in details in the following chapter. Under
this mechanism, the permeability is dependent on both the diffusion D and sorption
(or solubility) S coefficients [68]. This relationship is expressed mathematically by
Eq. 3.1
P= DS (3.1)
The separation factor or selectivity of component A relateive to component B is
defined as
aA/B = - (3.2)
(XA/X) YB XA
where Y and Xi are the gas-phase concentrations of component i at the permeate
and retentate streans of the membrane, respecitively. When the permeate pressure
is negligible relative to the feed pressure, the separation factor can be written as
the ratio of permeabilities, and it is called the ideal selectivity, caA/B. By factoring
the permeability into diffusivity and solubility terms, the ideal selectivity may be
expressed by Eq.3.3:
_B = PA DA) SA3)
The ratio of the effective diffusion coefficients, DA/DB, is referred to as the diffusivity
selectivity, and the ratio of the sorption (or solubility) coefficients, SA/SB, is referred
to as the sorption selectivity. In order to increase the selectivity of a membrane
system, it is necessary to increase either the sorption selectivity or the diffusivity
selectivity.
Robeson introduced the idea of an upper bound tradeoff between permeability
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Figure 3-1: Robeson's upper bound analysis for H2/C0 2 separation with polymeric
membranes [59], 1 Barrer is 1010(cm3 STP cm)/(cm2 s cm Hg).
and selectivity [59] by plotting a multitude of literature data as shown in Fig. 3-1.
The upper bound performance characteristics were best described by the Eq.3.4:
3A/BA/B =(3.4)
A/B (PA/Barrer)A/B (3.4)
This upper bound gives an idea of the selectivity that is attainable for a given per-
meability when using polymeric membranes for a selected gas separation and Robeson
reported values for AA/B and /A/B for many common gas pairs. Robeson noted an
excellent empirical correlation between AA/B and the difference between the kinetic
diameters of the penetrant molecules, dB - dA [59]. Freeman [22] provided a funda-
mental theory for Robeson's observation and showed that 'A/B depends only on gas
size. !A/B depends on AA/B, gas condensability, and one adjustable parameter. He
identified AA/B and !A/B in Eq.3.4 as follows
AA/B d= - 1 (3.5)
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Kinetic L-J Collision Critical
Compound Molecule Diameter Diameter Temperature
a x 1010 (m) k x 1010 (m) Tc (K)
Helium He 2.6 2.551 5.19
Ammonia NH 3  2.6 2.9 405.5
Water H20 2.65 2.641 647.3
Hydrogen H2  2.89 2.827 33.2
Nitric Oxide NO 3.17 3.429 309.6
Carbon dioxide CO 2  3.3 3.941 304.1
Argon Ar 3.4 3.542 150.8
Oxygen 02 3.46 3.467 154.6
Nitrogen N2  3.64 3.798 126.2
Carbon monoxide CO 3.73 3.69 132.9
Methane CH 4  3.8 3.758 190.4
Table 3.2: Properties of Common Gas Molecules
= SA SA AA/B f 1 - a1
A/B - exp -AA/B b - RT(36)
where a, b and f are empirical parameters. Table 3.2 shows, hydrogen is one of the
smallest gas molecules, but it also has a much lower critical temperature than most
of the other gases. The small size of the hydrogen molecule gives hydrogen its high
diffusivity. However, the significantly lower critical temperature suggests that the
condensability, and hence the solubility, of the hydrogen is going to tend to be much
lower [41, 57]. In a hydrogen-selective membrane, the goal is to exploit the high
diffusivity of the hydrogen molecule and to limit the effect of the lower solubility.
Fig. 3-2 and Fig. 3-3 give the comparison of values of AA/B and 1A/B reported by
Robeson [59] with theoretical prediction by Freeman [22] for common gas pairs.
The most promising of the polymeric H2 membranes is a polybenzimidazole (PBI)
membrane under development at DOEs Los Alamos National Laboratory (LANL).
It has demonstrated long-term hydrothermal stability up to 400 OC, sulfur tolerance,
and overall durability while operating in simulated industrial coal-derived syngas en-
vironments for over 400 days at 250 OC [21]. Membrane thickness has been decreased
to less than 3 pm and is able to operate at elevated pressures of 600-800 psig [36].
In addition, as illustrated in Fig. 3-4, the PBI-based membrane exceeds the Robe-
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Figure 3-4: Performance of PBI polymer membrane developed by LANL
son upper bound for H2/C0 2 selectivity versus permeability over a broad range of
temperatures from 100 to 400 oC [10].
The transport mechanism and computational modeling of H2 permeation through
polymeric membranes is discussed in the next chapter along with membranes used
for CO 2 separation.
H2 Polymeric Membranes in IGCC
In general, polymeric membranes have higher selectivity at low temperatures and
as permeability increases with temperature the selectivity of the membrane deterio-
rates [59]. In order to efficiently separate large amount of H2 present in the syngas
it is essential to have a membrane with high permeability so as to achieve the sepa-
ration within a reasonable membrane area. Fig 3-5 shows the estimated cost of the
membrane unit to obtain a desired recovery of H2 from the syngas for H2 membranes
with varying permeability. As the power output from the gas turbine is strongly
dependent on the hydrogen in the syngas it is important to recover as much of it as
possible. Clearly, in order to achieve a high enough H2 recovery at a moderate cost,
the permeability of H2 should be in excess of 2000 Barrer. Alternately, improvements
in the membrane polymer material need to be made to reduce the thickness of hollow
fibers while maintaining the mechanical strength to withstand high pressures. Any
reduction in membrane thickness would increase the H2 permeance by the same mag-
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Figure 3-5: Cost of membrane unit with varying H2 permeability for a membrane
thickness of 120 pm, pressure ratio of 50 and H2 /CO 2 selectivity of 20. Assuming a
cost of $50 per m 2
nitude. At present hollow fibers are known to withstand a pressure drop of around
15 to 20 bar across the membrane.
Fig. 3-6 shows the maximum amount of CO 2 captured using a H2 permeable
membrane as a function of H2/CO 2 selectivity. Most polymeric membranes are highly
permeable to steam and therefore for membrane separations occuring above the dew
point of steam present in the syngas, we have assumed all of the steam permeates
with H2. The calculations suggest that the membrane should at least have a H2/CO2
selectivity of 10-20 to achieve a partial CO 2 capture between 50%-70% based on
reasonable pressure ratios. This is higher than the Robeson's upper limit of selectivity
for polymer membranes having permeability in the range of 1000 Barrer as shown
in Fig. 3-1. However as illustrated in Fig. 3-4, the high temperature PBI-based
membrane has been reported to exceed the Robeson upper bound by demonstrating
a selectivity of 40 for H2 permeability in the range of 100 Barrer. The membrane
thickness is only about 3 pm which makes H2 permeance higher than other comparable
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Figure 3-6: CO 2 capture with varying H2/CO 2 selectivity and hydrogen recovery of
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polymer membranes. So the relatively low permeability is acceptable. The membrane
selectivity is still too low to achieve 90% capture but it can be a good candidate for
partial CO 2 capture.
Fig. 3-7 shows the predicted IGCC thermal efficiency (HHV) with CO 2 capture
using a high temperature PBI based membrane. For a partial CO 2 capture case (75%
capture) the membrane provides a higher efficiency than the base case cleanup of
Selexol® process. However, if a higher CO 2 capture level is attempted by operating
the reactor at a greater pressure ratio, then membrane operation becomes inefficient
and the efficiency deteriorates below the base case. In order to reach higher cap-
ture levels while maintaining the same energy efficiency benefit, membrane selectivity
needs to be further improved to about 100 as predicted in Fig. 3-6. In its present
state, the membrane should offer a low cost solution for a partial (upto 70%) CO 2
capture.
It is important to note that while using polymeric H2 membranes, the steam and
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Figure 3-7: IGCC thermal efficiency (HHV) for different capture level using H2 poly-
meric membrane. H2/CO 2 selectivity of 40, H2 permeability 100 Barrer [36], thickness
of 3 pm and H2 recovery of 99%
H2 from syngas are obtained at a low pressure on the permeate side and then need to
be compressed to the gas turbine delivery pressure. As the permeate needs to be re-
compressed, there is no obvious advantage of having the steam diluent present in the
syngas which was earlier responsible for savings resulting from reduced compression
of N2 diluent. If a low temperature separation is carried out after condensing steam
from the syngas, H2 recovered in the permeate is mixed with N2 from the ASU and
both are then compressed to the delivery pressure of gas turbine. Therefore from
a compression load consideration, operating the membrane unit at a temperature
greater than the dew point of steam in the syngas does not make a difference. On
other hand, at low temperatures polymeric membranes generally provide a higher
selectivity and operating at a low temperature would allow one to achieve a higher
level of C0 2 capture. The heat generated on cooling the syngas can be used to
generate low pressure steam. Also, the cooled syngas feeding to the membrane unit
would have a higher inlet concentration of H2 that would increase the driving force
across the membrane leading to a lower membrane area for the same H2 recovery. In
conclusion, while using polymeric H2 membranes in IGCC, it might be beneficial to
Reference Peters [53] Roa [72] Edlund [19] Nam [50]
Membrane Pd-23Ag Pd-40Cu Pd-40Cu Pd-Ni
Temperature OC 400 365 400 352
Thickness pm 2 1.3 15 1
Permeance mol 1.1 x 10 - 3  7.5 x 10 - 4  1.76 x 10 - 3  7.14 x 10 - 4
m-2 s-1 Pa-O.5
Permeability mol 2.2 x 10- 9  9.75 x 10-10 2.64 x 10-8 7.14 x 10- 10
m_- s- Pa-0.5
Table 3.3: Performance of Pd-alloy composite membranes from experimental data in
literature
utilize their increased selectivity by operating the unit at lower temperatures, since
the separation temperature is of little importance for efficiency.
3.2 Inorganic Membranes for H2 Separation
Inorganic membranes for H2 separation can either be metallic such as dense Pd/Pd-
alloy based membranes or micro-porous membranes.
Dense Pd-based Membranes for H2 separation
Several metals have higher permeability for hydrogen than Pd but they are unstable
in IGCC atmospheres as they can be easily carburized. Membranes of Pd/Pd-alloys
are inert and therefore ideal for hydrogen separation. Most relevant Pd membranes
have an asymmetric structure consisting of a thin top layer, and a support structure
that provides the mechanical strength. The high cost of Pd brings focus on reducing
the thickness of membrane on support that can not only lower the amount of Pd used
to produce the membrane; but also increase the hydrogen permeation rate. Table 3.3
provides the experimental performance data of Pd-alloy membranes reported in the
literature.
It is desirable that the support beneath the Pd layer does not contribute signifi-
cantly to the flow resistance and therefore is typically built up by a porous structure
having relatively large pores (commonly 220pm) [12]. As the support is an inte-
grated part of the membrane structure, its properties have a decisive impact on the
membrane performance. Porous supports are typically made of binary oxides such
as A120 3 , TiO 2, ZrO 2 , or mixtures of these, glass, C, and stainless steel. Krishnan
et al. [37] have reported a study on the long-term stability of common ceramic mem-
brane and support materials for Pd and Pd-alloy under gasification and pressurized-
fluidized-bed conditions in the temperature region 500-900 oC. Thermal sintering is
significant for TiO2 and ZrO 2 at the lower part of this temperature regime, while
A120 3 shows only small to moderate sintering. Glass when used as a support ma-
terials is not stable above 650-700 oC due densification. The stability of Carbon
support depends on the ambient atmosphere as many gaseous components can react
with the material. Porous Fe- and Ni-based stainless steel supports are stable in
IGCC system but can suffer from corrosion at higher temperatures [74]. In terms
of their design, these supports should be such that membrane modules should have
high surface area/volume ratio to achieve lower costs. Thin-wall hollow ceramic fibers
that provide large surface area/volume ratios (1000 m2/m 3) close to polymeric hollow
fiber module types, and honeycomb structures are favored design choices. These com-
posite membranes of thin Pd alloy on porous support are fabricated using methods
such as electroless plating, electroplating, CVD/PVD, sputtering and various particle
deposition techniques.
In thin Pd membranes, a hydride phase transition may occur in hydrogen below
about 290 oC giving a brittle material, but this can be avoided by alloying Pd with
20-30 wt.% silver or 40 wt.% Cu. The silver alloy has higher hydrogen permeability
(up to about 70%), while the Cu alloy has about the same as pure Pd [34]. Also,
it is known that traces of H2S (concentrations as low as a few ppmv) in the syn-
gas fed to the membrane reactor can poison or deactivate Pd alloys. Experimental
investigations indicate that Pd-40%Cu alloy, can under appropriate conditions main-
tain its permeance in the presence of 1000ppm H2S concentration and represents a
good candidate for processing coal gasifier syngas [20]. Morreale [48] tested different
Pd-Cu alloys by weight and concluded that sulfur contamination does not affect
the permeance within the fcc stability region, while the permeance of bcc phase is
reduced by as much as two orders of magnitude when exposed to H2S. However, in a
typical bituminous coal fired IGCC plant, H2S concentration is more than 5000 ppm
and therefore, it might be essential to have a high temperature sulfur removal unit
upstream of any Pd-alloy based membrane process.
Stability of composite Pd alloy membranes
The need for thin Pd alloy layer on a support structure can create membrane insta-
bility which usually involves
1. Instability of the membrane layer-support interface: The use of ceramic supports
is not believed to cause significant inter-diffusion problems (although impurities
may do so). However, stress generated due to the badly matching thermal
expansion coefficients, as well as the volume change of the membrane in contact
with hydrogen, may cause stability problems such as loss of attachment, flaking-
off and cracking.
2. Instability of the Pd alloy membrane microstructure: The microstructural sta-
bility of the membrane is obviously also linked to effects generated by the sup-
port and the ambient atmosphere interactions. Additionally, thin membranes
consist of very small grains in the nanometer range, and have a high grain
boundary density, consequently they are prone to grain growth, impurity disso-
lution, grain boundary diffusion and alloy segregation.
3. Reactions with the ambient atmosphere: Pd alloys may react with components
of the ambient gas atmosphere resulting in reduced permeability or even lead
to complete deterioration of the membrane. Gas mixtures that comprise S- and
Cl-containing species, CO, H2 0 and hydrocarbons are the most critical ones.
Peters ct al. [53] investigated permeation and stability of tubular 2-3 pm thick Pd-
23%Ag alloy composite membranes at elevated temperatures and pressures and found
hydrogen flux to be significantly affected by hydrogen depletion along the membrane
length, concentration polarization adjacent to the membrane surface and surface ad-
sorption effects. Jiang [30] have tested hydrogen separation in Pd-ceramic membranes
Theoretical
Ratio
Selectivity
H2 /CH 4  2.83
H2/CO 3.74
H2 /CO 2  4.69
Table 3.4: Theoretical Knudsen selectivities
at 673 K for 500 h with excellent selectivity and found CO, CH 4 and CO 2 to have a
retarding effect on hydrogen transport.
Microporous Inorganic Membranes
Porous inorganic membranes for gas separation comprise: (i) mesoporous membranes
(25 nm > pore radius > 1 nm) showing Knudsen-type separation at a high temper-
ature that is proportional to (M 1 /M 2 )0 5, M1 and M 2 being molecular weights; and
(ii) microporous membranes (pore radius < 1 nm), where separation more strongly
depends on the pore size/shape, and the interaction between the gas molecules and
the pore surface. Theoretical selectivities of H2 over other gas species of interest
based on Knudsen equation for molecular transport are listed in Table 3.4. These are
clearly very low to be of any economic value in high purity IGCC separations.
In microporous membranes, the hydrogen permeance and selectivity may vary
significantly with the operation conditions. Model descriptions are given for different
regimes of adsorption degree, i.e. from low temperature and high degree of adsorption
of heavy molecules, where migration is by jump from site to site in the pore, to high
temperature and low degree of adsorption where the pore structure imposes a diffusion
barrier [13]. Since hydrogen is the smallest molecule with weak adsorption on most
surfaces (except metals), separation above Knudsen values is typically achieved by
molecular sieving in narrow pores where large molecules are excluded. Amorphous
microporous silica membranes have been extensively studied for H2/N 2 separations
in steam methane reforming. They are categorized as sol-gel silica membranes or
CVD silica membranes based on their method of preparation. However, these have
been shown to perform poorly in presence of water vapor[54, 47] and need to be
investigated further for H2/CO 2 separations. Tsapatsis [73] investigated hydrogen
selective nanocomposite silica membranes based on molecular sieving transport and
found H2/CO 2 selectivities of < 10.
Hydrogen Transport in Thin Pd-alloy Membranes
Hydrogen transport through dense Pd-alloy membranes may be divided into a series
of different stages as illustrated in Fig. 3-8:
1. Molecular trasnport of hydrogen to the metal surface on the feed side of the
membrane.
2. Adsorption of hydrogen on the surface.
3. Dissociation of hydrogen molecules and incorporation into the metal.
4. Diffusion of protons in the lattice and of electrons in the electron bands.
5. Regeneration of hydrogen molecules on the permeate side surface.
6. Desorption of the hydrogen molecule.
7. Diffusion of the H2 molecule from the surface, assuming a porous support.
Ward and Dao [76] calculated that diffusion of H atom through the metal is
likely to be the rate-dominating process at moderately high temperatures (573 K)
even for membrane thicknesses approaching 1 jpm. Desorption is indicated to be
the rate-limiting process at low temperatures, and adsorption is only likely to be
important at very low hydrogen partial pressures or in the presence of substantial
surface contamination. Therefore, assuming atomic hydrogen diffusion to be the rate
limiting step, H2 flux can be obtained by integration of Ficks Law as
dC D
JH= -D- = - (CH,1 - CH,2) (3.7)dl I
where JH is the H atom flux (mol m -2 s-l), D the diffusivity of atomic hydrogen
in the Palladium membrane, which is assumed to be independent of the concentra-
tion (mn2 s-), I the thickness of the membrane, and CH.1 and CH,2 are the H atom
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Figure 3-8: Hydrogen Transport in Pd-alloy Membrane
concentrations in the Pd membrane in equilibrium with the feed and permeate gas,
respectively. These concentrations can be expressed as
C = Kq (3.8)
where r is the proton concentration constant (mol m- 3 ) and j is the atomic H/Pd
ratio, which is a function of temperature and hydrogen partial pressure. At low
concentrations of hydrogen, r is linearly dependent on the square root of partial
pressure of hydrogen [77] giving
p.5 = KPH2 (3.9)
where K, is the Sieverts constant. Combining above equations, yields
1 D(K/Ks) pH,1  0 5H,2JH2  1 (2 2 \1 lam latm (3.10)
in which the term 1/K, represents the effective H2 solubility, S, in the palladium
layer. The product of the diffusivity, D, and solubility, S, is often referred to as the
hydrogen permeability, P. At equilibrium, the adsorption and desorption rates are
Feed
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Figure 3-9: Hydrogen Membrane Model
equal and in the limit of diffusion-limited permeation, Sieverts law gives the hydrogen
flux as
P JH 2 P - P,2) (3.11)JH2 I H2= H2,2)
where n is equal to 0.5 for bulk diffusion of protons. Note that different values of n
have been reported experimentally, suggesting other processes could be rate limiting.
Hydrogen Membrane Model
The transport mechanism described above was used to model hydrogen separation in
a membrane module arranged in a counter-current configuration as shown in Fig. 3-9.
Steam or Nitrogen is used as a sweep gas to lower the partial pressure of hydrogen
on the permeate side, thereby increasing the driving force across the membrane. A
one-dimensional, steady state, isothermal model of binary gas mixture is developed
assuming all gases other than hydrogen to have negligible permeance through the
membrane.
The objective is to operate the membrane unit such that high purity CO 2 is left
behind in the retentate after recovering as much hydrogen as possible. Lower recovery
of hydrogen would mean wastage of fuel to drive the gas turbine and would require
additional purification of retentate before compression and sequestration. Accord-
ing to Table 3.5 providing the purity specification of CO 2 before sequestration, it is
necessary to reduce the combined concentration of H2, N2, CH 4 below 4 vol%. There-
fore, the membrane should target to achieve > 95% pure CO 2 in the retentate on a
Table 3.5: CO 2 Purity Specification for Sequestration
Table 3.6:
of 99.5%
Retentate Composition after Membrane Separation, assuming H2 Recovery
dry basis. The parameters controlling the driving force of hydrogen flux through the
membrane are permeate pressure and sweep gas flow rate. Table 3.6 gives the inlet
composition of syngas stream in our simulation that enters the membrane module
having undergone water gas shift and high temperature Sulfur removal. Assuming
a hydrogen recovery of 99.5% using the membrane, the concentration of CO 2 in the
retentate on a dry basis after the separation process is 93.8%, still below the purity
required for sequestration. Therefore, either another process to further purify CO 2 by
removal of CO, Ar, N2 and CH 4 is required or the membrane should possess higher
permselectivity to these species than CO 2. For the purpose of our analysis, we have
assumed that a membrane retentate having CO 2 purity of > 93% would be seques-
tration ready (or alternatively, that an inexpensive method can be found to oxidize
the residual CO and H2).
Component Purity
CO 2  > 95 vol%
H2 0 < 500 ppm
02 10 ppmw
N 2 , Ar, H2 , CH 4  < 4 vol%
SOx 50 ppm
NOx HSE consideration
Particulates < 1 ppmw
Syngas Retentate Retentate Composition
Composition Composition (Dry basis)
H2  42.40% 0.30% 0.53%
CO 2  30.40% 53.00% 93.31%
H2 0 24.80% 43.20% 0.00%
CO 0.90% 1.60% 2.82%
N2  0.60% 1.00% 1.76%
Ar 0.50% 0.90% 1.58%
CH 4  0.04% 0.07% 0.12%
NH 3  23 ppm 41 ppm 95 ppm
H2 S 4ppm 2 ppm 5 ppm
Results and Discussion
Fig. 3-10 shows the variation of driving force (hydrogen partial pressure) on the
permeate and retentate side along the length of the membrane. The feed gas enters
the membrane module at a pressure typically in excess of 5 bar having the composition
given in Table 3.6. Hydrogen diffuses through the membrane to the permeate side that
is maintained at atmospheric pressure and continuously swept with nitrogen from the
ASU. The inlet partial pressure of H2 is approximately 16 bars and the sweep to feed
ratio is kept at 1:10 in these simulations. The driving force is maximum at the inlet
of membrane module where the difference in permeation driving force (pI - P0,2)
is maximum in the counter current flow configuration.
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Figure 3-10: H2 Partial Pressure Profile across Membrane for feed pressure 50 bar,
permeate pressure 5 bar, feed to sweep ratio 5:1, thickness 3Cpm, H2 recovery 99.6%
Table 3.7 lists the operating parameters of simulation that have been used to gen-
erate the results following in this section. Membrane permeance is taken as 1.1 x 10- 6
kmol m- 2 s- 1 Pa-05 based on observed hydrogen permeation in Pd-23%Ag stainless
steel composite membrane under water gas shift mixtures at high temperature and
pressures [53]. As this membrane is not known to be Sulfur resistant, a high temper-
ature Sulfur removal process is assumed for syngas cleanup before membrane module.
Operating Parameter Value
Inlet Feed Pressure 5 MPa
Feed to Sweep Ratio 5:1
3.3 x 10-12
Membrane Permeability kmol m - 2 s- 1 Pa - 0.5
Number of Ceramic Fibers 107
Fiber Diameter 80 pm
Membrane Thickness 3 pm
Table 3.7: Simulation Operating Parameters
Fig. 3-11 and Fig. 3-12 show the predicted H2 flux across the membrane and
H2 recovery respectively, as a function of cumulative membrane length. Membrane
length is decided based on a 99.6% recovery value of H2 to maximize the fuel driving
the gas turbine and obtain very high purity CO 2 in the retentate. Fig. 3-13 plots the
trade-off of increasing hydrogen recovery against rise in membrane area for varying
pressure ratios across the membrane (ratio of feed pressure to permeate pressure).
Over most of the range the membrane area increases linearly with higher hydrogen
recovery, but for very high recoveries (> 98%) there is a precipitous increase in the
membrane area as the hydrogen flux drops to almost zero. This leads to increase in
separation cost for achieving very high purity CO 2 in the retentate. To estimate the
cost of a membrane module it has been assumed that membrane manufacturing for a
thin Pd-alloy membrane costs $2800/mn2 on a ceramic support. It may be noted that
compared to such a price, the materials cost of Pd-40%Cu is only about $140 per
jpm thickness and m 2 of surface area [29].
It had been earlier suggested that a cost of about 500-1000/in 2 of installed surface
area [71] would allow broad use of Pd membrane reactors (MR). However, Middleton
et al. [45] found that higher hydrogen permeation rate of thin membranes allowed a
significantly higher cost for the membrane modules in pre-combustion decarbonisa-
tion. It was found that a cost of US$ 10,000/m 2 was acceptable assuming a membrane
permeance of 200 N m3 /(m 2 h baro0 5 ) hydrogen. Our results indicate that the cost
of a membrane module for greater than 99.5% recovery of H2 at a pressure of 5 bar,
is approximately $17 M, very small compared to $170 M of capital expenditure for
a two-stage Selexol® process [5]. Furthermore, Pd-based composite membranes have
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Figure 3-11: H2 flux across Membrane for feed pressure 50 bar, permeate pressure 5
bar, feed to sweep ratio 5:1, thickness 3/pm, H2 recovery 99.6%
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Figure 3-12: H2 recovery for feed pressure 50 bar, permeate pressure 5 bar, feed to
sweep ratio 5:1, thickness 31Lm, H2 recovery 99.6%
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Figure 3-13: Cost of membrane for varying pressure ratios for a 1710 MW thermal
IGCC-CCS plant, feed to sweep ratio 2:1, thickness 3pm, cost of $2800 per m2
material characteristics that facilitate recycling (both Pd material and support) that
could give a cost reduction.
3.3 H 2 Membranes in IGCC with CCS Process
Fig. 3-14 illustrates the operation of a H2 membrane module in an IGCC with CCS
flowsheet. It is important to note that using a hydrogen membrane for gas separations
loses the steam diluent present in the syngas to the retentate stream. The hot and
high pressure retentate mixture consisting of C0 2. steam and small amount of other
gases is first cooled and water is condensed out from the stream. A part of this heat is
used to generate low pressure steam. The high purity CO 2 is then further compressed
to 150 bar and piped for sequestration. One potential benefit of using highly selective
H2 membranes is that all the trace impurities like Mercury and Arsenic remain in the
retentate and can possibly be sequestered along with CO 2. This will help eliminate
the capital and operating expenses required for having a separate Hg removal unit.
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Figure 3-14: H2 Membrane operation in IGCC with CCS
The driving force across the membrane module is increased by using nitrogen from
the ASU as a sweep gas on the permeate side. Increased driving force lowers the
membrane area and associated capital cost. The permeate stream of H2 and sweep
gas is compressed to the gas turbine delivery pressure and, if necessary, mixed with
additional steam diluent to maintain the appropriate lower heating value (LHV) of
fuel entering the gas turbine.
It can be seen from Fig. 3-15 that using larger amount of sweep gas significantly
lowers the membrane area and the associated capital cost of the membrane unit.
Assuming negligible mass transfer limitations in the gas phase, the simulations predict
that having a feed to sweep ratio of 5:1 sufficiently brings down the membrane cost.
Adding higher amount of sweep gas only has incremental benefit in reducing the
membrane area. As eventually all the N2 from the ASU is used for diluting H2 in the
gas turbine burner, it is beneficial to add most of it at the membrane stage itself as
a sweep gas to increase the performance of the unit.
Table 3.8 compares IGCC efficiency of Pd-alloy H2 membrane for syngas cleanup
against the base case cold cleanup. The total power generated from steam cycle
is higher in the case of membrane separation because no reheating of hydrogen is
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Figure 3-15: Effect of N2 sweep on the cost of membrane unit for a 1710 MW thermal
IGCC-CCS plant, membrane thickness 3pm, cost of $2800 per m2
required before the gas turbine and additional low pressure steam is generated on
cooling the retentate stream. However, compresson of low pressure permeate to the
gas turbine delivery pressure increases the auxiliary load. This is partially offset by
the lower compression load for sequestration of high pressure CO 2 retentate. In all,
H2 membrane separation is 1.73% points more thermally efficient (HHV) than base
case CO 2 capture with Selexol® process. It must be noted that in H2 separation the
part of warm cleanup benefit resulting from retaining the high pressure steam diluent
in the syngas is lost as the permeate and diluent must be re-compressed before the
gas turbine burner. This in turn limits the gain in efficiency that can be achieved
using H2 membranes. On other hand, CO 2 membranes and adsorption processes
that remove CO 2 from the syngas while retaining the high pressure steam diluent
can potentially achieve higher improvement in efficiency. It is important to bear in
mind that suitable H2 membrane materials have been identified, but no one has yet
identified an appropriate CO 2 membrane for these conditions.
The efficiency of IGCC with H2 membranes is strongly dependent on the loss of
Power Summary (MW) Cold Cleanup H2 Membrane
Selexol®  Pd-23%Ag
Total Power Generated 803.4 800.9
Nitrogen Compression -44.9 -23.8
Carbon Dioxide Compression -29.9 -4.3
Auxiliary Power Loads -156.7 -171.5
Net Power Output 571.9 601.3
Thermal Efficiency (HHV) 33.44% 35.17%
Table 3.8: IGCC Efficiency comparison between Selexol® and high temperature H2
membrane for CO 2 Capture at permeate pressure of 10 bar, Feed to sweep flowrate
ratio 3.78:1
hydrogen in the permeate, since this reduces the amount of energy available to the gas
turbine. Fig. 3-16 shows that higher recoveries and higher permeate pressures lead to
higher energy improvement. Higher permeate pressure (i.e. lower operational pressure
ratio across the membrane) means lower compression load to pressurize hydrogen up
to gas turbine inlet delivery pressure, however, it also implies lower driving force for
hydrogen permeation and thereby increasing the membrane area for desired recovery.
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Figure 3-16: Efficiency Improvement of IGCC with CCS as a function of H2 recov-
ery and permeate pressure ratio, for a Pd-Ag membrane, assuming negligible mass
transfer limitations in the gas phase.
Ward and Dao [76] predicted bulk diffusion of H atoms to be the rate limiting
step above 250 'C for thin Pd-based composite membranes. At lower temperatures
desorption from the membrane surface was shown to be the rate-dominating step
for hydrogen permeation. The desorption-limited hydrogen flux decreases rapidly at
lower temperatures while in the region of diffusion-limited permeation, flux does not
vary greatly with change in temperature [75, 67]. It is therefore essential to operate
Pd-alloy based membrane modules in the IGCC process at temperatures greater than
250 'C. However, there may not be a significant improvement in hydrogen permeation
by operating at still higher temperatures.
Chapter 4
Membranes for CO 2 Separation
A wide variety of membranes are being extensively developed for gas separation and
purification applications involving C0 2 in power generation. Membranes for CO 2 sep-
aration at high temperatures would be desirable in pre-combustion decarbonization
for keeping H2 at feed pressure, and simultaneously separating CO 2 for sequestration,
free of other impurities. Like membranes for H2 separation, the different kinds of CO 2
membranes can again be categorized as polymeric, inorganic and hybrid.
4.1 Inorganic CO 2 membranes
Inorganic membranes are very attractive because they are more resistant to high
temperatures and pressures, fouling, aggressive feeds, and regeneration treatments.
Materials typically used as membrane materials include carbon molecular sieves from
a wide variety of organic polymeric precursors, zeolites, and silicas. To improve their
productivity, these membranes must be deposited as thin layers upon the surface of
other, non-selective inorganic materials, such as aluminas, zirconias, or porous stain-
less steel that also provide structural consistency. Since CO 2 is a heavier molecule
than other relevant gas components H2, H20, N2, CO, and CH 4, porous C0 2-selective
membranes cannot operate by simple Knudsen diffusion mechanism. It is only if the
membrane affinity for adsorption is higher towards CO 2 compared to these gases that
the selectivity may be switched. The polar nature of the CO 2 molecule promotes selec-
tive surface adsorption on many inorganic surfaces. The Generalized Maxwell-Stefan
equations provide a good basis for the description of the multicomponent permeation
behavior with this type of membrane. Morooka and co-workers [39] showed in their
studies that Y-type zeolites have high affinity for C0 2, in CO 2 + N2 mixtures. C02
molecules migrating along microporous pores are able to pass the few N2 molecules
migrating along the pore center. This mechanism results in a high selectivity (selec-
tivity - 80 at 30 oC). However, at temperatures around 140 OC, the selectivity was
about 10, with a CO 2 permeance of approximately 1.4 x 10-7 mol/(m2 s Pa). This was
higher than for carbon and silica inorganic membranes. Kapteijn et al. [33] showed
that a silicalite-1 zeolite membrane in feed gas mixture of C0 2:H2 (1:1) was selective
to CO 2 even above 400 K. However, the C0 2/H 2 selectivities of these membranes
(about 10) so far are too low to be of significant economic value. Molten carbon-
ate fuel cell technology, using liquid carbonate membranes, may also have potential
application in CO 2 capture.
4.2 Polymeric CO 2 Membranes
Polymeric membranes are attractive because they can be manufactured into units
with very high surface areas, either in the form of hollow fibers arranged in the
tube-and-shell configuration or in the form of flat sheets packaged as spiral-wound
modules. There are two types of polymeric membranes. Those that are referred to as
glassy polymeric membranes have a glass transition temperature that is higher than
room temperature. In contrast, those that have a glass transition temperature that
is well below room temperature are referred to as rubbery polymeric membranes.
Most commercial membrane systems in gas separations are based on glassy poly-
meric materials as opposed to their rubbery counterparts because of their superior
mechanical properties and overall permeability-selectivity trade-offs. Common glassy
polymeric materials include polysulfones, polyimides, polyaramides and polycarbon-
ates, polyphenylene oxides and cellulose derivatives. Selectivity of most glassy and
rubbery polymeric membranes depends on their ability to discriminate gas species
by size, diffusivity and solubility through the membrane structure consistent with
the solution-diffusion model described in section 4.3. Disubstituted polyacetylenes
are glassy polymers known for their unique gas transport properties, characterized
mainly by enormous gas permeability, high fractional free volumes (typically > 20%),
and unusually high gas selectivities. Within polyacetylenes, poly(1-trimethylsilyl-
1-propyne) (PTMSP) displays the largest gas permeability of all known polymers.
Unlike the rest of the glassy polymers, polyacetylenes do not discriminate permeates
based on diffusivity but rather on solubility, which provides them with the ability to
permeate heavier and more soluble organic molecules and CO 2 over smaller gases like
H2. However, the C0 2/H 2 selectivities so far displayed by these polymers (i.e., < 6)
are still only moderate. Glassy membranes that become overexposed for extended
periods of time may suffer from undesirable compaction, swelling, and plasticization
that irreversibly change the morphology, and hence lead to reduced membrane per-
formance. Plasma and thermal treatment and chemical cross-linking agents improve
the membrane resistance to plasticization and other attacks by increasing polymer
rigidity.
Rubbery polymers tend to display lower performance than their glassy counter-
parts, but they posses the ability to be selective towards CO 2 over H2 . The higher
transport of CO 2 molecules in rubbery polymers can be explained by the higher sol-
ubility of CO 2 in the polymeric phase but this effect dominates size considerations
only at low temperatures. Polyphosphazenes and polyethers are the rubbery polymers
that display the largest C0 2/H 2 selectivities in the range of 6-10 but have modest
permeabilities. Polymeric membranes have shown little progress since Robeson [59]
presented the permeability-selectivity trade-off upper limit described earlier in Sec-
tion 3.1.
Facilitated Transport Membranes
Facilitated transport membranes (FTMs) have received considerable attention be-
cause of their elevated selectivities and relatively high fluxes. The high selectivity
in FTMs is achieved through the existence of carriers within the membrane that
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Figure 4-1: Facilitated transport of CO 2 in a membrane
selectively interact with given molecules and facilitate their transport through the
membranes as shown in Fig. 4-1. FTMs, however, are widely known for their stabil-
ity problems, mainly as a result of the evaporation of the carrier medium - a problem
that is particularly acute in immobilized liquid membranes (ILMs) described in Sec-
tion 4.2. Evaporation losses have been reduced by using non-volatile polyelectrolytes
such as molten salts or salt hydrates as solvents.
The most successful facilitated transport membranes are the so called fixed carrier
membranes (FCMs) that usually consist of secondary amines or carbonates as carriers
that are chemically bonded to the backbone of the membrane. Ho and co-workers [80]
demonstrated that extraordinary improvements in performance (CO 2 permeability
greater than 800 Barrer, CO2/H 2 selectivity of nearly 500), and stability to tem-
peratures above 150 oC are possible with membranes of this type. Their membrane
consisted of mobile and fixed amine carriers incorporated in a cross-linked poly(vinyl
alcohol) (PVA) matrix. Unfortunately, the membranes required 40-60 mol% concen-
tration of water vapor in both the feed and permeate to prevent evaporation of the
liquid transport solution and failure of the membrane.
Supported Ionic Liquid Membranes
NETL researchers have recently fabricated and tested a supported liquid membrane
that is CO 2 selective and stable at temperatures exceeding 300 "C. The membrane
consists of an advanced polymer substrate and an ionic liquid developed in a collab-
orative effort with the University of Notre Dame. Supported liquid membranes are
of interest because transport takes place through the liquid within the pores rather
than through a solid phase. This feature allows the membranes to take advantage
of higher liquid phase diffusivities while maintaining the selectivity of the solution
diffusion mechanism. NETL researchers were able to fabricate membranes opera-
tional at elevated temperatures due to negligible volatility of the ionic liquid and the
exceptional resistance to plasticization of the substrate [28].
4.3 CO 2 Membrane Modeling
Transport of gases across dense nonporous polymeric films is explained by a solu-
tion diffusion mechanism. Under the driving force of a pressure difference across a
membrane, penetrant molecules dissolve in the high pressure face of a membrane,
diffuse across the membrane, and desorb from the downstream (or low pressure) face
of the membrane. Diffusion is usually the rate-controlling step in penetrant perme-
ation. A separation is achieved between different permeants because of differences
in the amount of material that dissolves in the membrane and the rate at which the
material diffuses through the membrane. Another model used in past is the pore-
flow model, in which permeants are separated by pressure-driven convective flow
through tiny pores. A separation is achieved between different permeants because
one of the permeants is excluded (filtered) from some of the pores in the membrane
through which other permeants move. It has been shown that diverse membrane
separation processes can all be described by a single unified approach based on the
solution-diffusion model [78]. There has been considerable experimental evidence that
supports the solution-diffusion model as it applies to these processes.
Solution Diffusion Model
This section derives the governing equation for solution diffusion transport mecha-
nism. The flux of a component is governed by the driving forces of pressure, tem-
perature, concentration, and electromotive force that are interrelated and produce
movement of a permeant by creating the gradient in its chemical potential.
The flux, Ji, of a component, i, is described by the simple equation
Ji=L dpi (4.1)dx
where d is the gradient in chemical potential of component i and Li is a coefficient
of proportionality linking this chemical potential driving force with flux Restricting
ourselves to driving forces generated by concentration and pressure gradients, the
chemical potential is written as
dCp = RTdln(yici) + vdp (4.2)
where ci is the molar concentration (mol/mol) of component i, yi is the activity
coefficient linking concentration with activity, p is the pressure, and vi is the molar
volume of component i. On integrating above equation with respect to concentration,
pressure and setting reference pressure po, as the saturation vapor pressure of i, pisat,
we obtain
dpi = /t + RTdln(-yici) + vi(pi - Pisa,) (4.3)
for incompressible liquids and membrane phase, and as
dpi = + RTd In(Qic) + RT In( p-) (4.4)
P "sat
for gas phase.
The first assumption governing transport through membranes is that the fluids
on either side of the membrane are in equilibrium with the membrane material at
the interface. This assumption means that there is a continuous gradient in chemical
potential from one side of the membrane to the other. It is implicit in this assumption
that the rates of absorption and desorption at the membrane interface are much
higher than the rate of diffusion through the membrane. This appears to be the case
in almost all membrane processes, but may fail, for example, in transport processes
involving chemical reactions, such as facilitated transport, or in diffusion of gases
through metals, where interfacial absorption can be slow. The solution-diffusion
model assumes that the pressure within a membrane is uniform and that the chemical
Solution-diffusion model
High-pressure Membrane Lopressur
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Figure 4-2: Solution-Diffusion Transport
potential gradient across the membrane is expressed only as a smooth gradient in
concentration as shown in Fig. 4-2.
When a pressure is applied across a dense membrane, the pressure everywhere
within the membrane is constant at the high-pressure value. This assumes, in ef-
fect, that solution-diffusion membranes transmit pressure in the same way as liquids.
Consequently, the pressure difference across the membranes is expressed as a concen-
tration gradient within the membrane. The flow that occurs down this gradient is
expressed by Eq. 4.1, but, because no pressure gradient exists within the membrane,
it can be written, by combining with Eq. 4.2, as
= RTLi dci (4.5)
ci dx
This has the same form as Fick's law where the term RT . can be replaced by the
cdcdiffusion coefficient Di. Thus,
J = -Di dc  (4.6)dx
and integrating over the thickness of the membrane gives1
'the term i represent components of a solution, and the terms o and 1 represent the positions of
the feed and permeate interfaces, respectively, of the membrane. Thus the term c,o m represents the
Ji = (o - Ct m) (4.7)
In gas separation by membranes, a gas mixture at a pressure p, is applied to the
feed side of the membrane, while the permeate gas is at a lower pressure pi. Next,
we find an expression to relate concentration of components in the membrane phase
with their gas phase partial pressures.
For this we assume that the chemical potential of the feed and permeate fluids are in
equilibrium with the adjacent membrane surfaces. On equating the chemical poten-
tials on either side of the gas/membrane interface we obtain
i + RTdln(yio,gcio,,) + RTln( ) = pi + RTdln(yio,mcio,m) + vi(po - Pis) (4.8)
Pisat
which rearranges to
Yio,g Po (-vi (Po - Pisat) (4.9)
Com io,m Pisat o, exp RT
As the exponential term is very close to one, even for very large pressure p,, Eq. 4.9
reduces to
Cio, o,9 PoCio,g (4.10)
Y7io,m Pisat
The term poco,S is the partial pressure of i in the feed gas, pio,g. Eq. 4.10 then
simplifies to
Ciom -= (4.11)
Y7o,m Psat
The term yio,0,/(Psat io,m) is the solubility coefficient Si, thus, the concentration of
component i at the feed interface of the membrane can be written as
co,m = S-PZo,g (4.12)
concentration of component i in the membrane in contact with the gas phase at the feed interface.
The subscript m and g are used to represent the membrane phase and gas phase respectively.
In exactly the same way, the concentration of component i at the membrane/permeate
interface can be written as
c1,m = Si*P,,g (4.13)
Combining Eqs. 4.12 and 4.13 with Fick's law expression, Eq. 4.7, gives 2
S= DiS (pi, - )(4.14)
The product of solubility and diffusivity is abbreviated as permeability coefficient Pi
leading to expression
Ji = P i (p- P )  (4.15)
This is widely used to accurately model permation of gas through polymeric mem-
branes.
4.4 Multicomponent Gas Separation Model
Among multicomponent gas separation models, Pan's [52] model based on solution
diffusion transport mechanism has been most widely accepted as the most practical
representation of gas separation in hollow fiber membranes. However the solution
technique is complex and requires intial estimates of pressure and concentration pro-
files along the fiber. Coker et al. [15] presented a model for multicomponent gas
separation using a hollow fiber contactor and proposed a stagewise approach using a
first order finite difference method to develop set of equations from differential mass
balance. This method required intial guess on flow rates of each component at every
stage. Chowdhury et al. [49] developed a numerical solution for multicomponent gas
separation in hollow fiber membranes that was formulated as an initial value problem
and did not require intial guesses for pressure, flow or concentration profiles along the
membrane.
2dropping the subscript g, denoting the gas phase
Modeling Equations
A Matlab model was developed adapting the computational scheme of Chowdhury
et al. [49] to solve Pan's model for gas separation in hollow fiber membrane modules
for counter current flow and bore side feed configuration, as shown in Fig. 4-3. The
syngas feed flows in the membrane separation unit at constant flow rate uf and
pressure pf ( typically in excess of 5 MPa) and diffuses across the membrane to the
permeate side which is maintained at a lower pressure pp . A sweep gas, at a flow
rate v,,p, such as steam or CO 2 may be employed at the permeate side to carry CO 2.
Membrane thickness t, is in the order of pm but the hollow fibers are strong enough
to withstand high feed pressures and their deformation is assumed to be negligible.
Membrane performance is based on the input feed conditions and membrane module
specifications (permselectivities, membrane diameter, number of hollow fibers). The
effect of input paramters such as sweep gas flow rate, membrane thickness, pressure
ratio (feed to permeate pressure) is investigated in Section 4.5. The key variables
to be examined are the permeate concentration profile to maintain a required purity
level of CO 2 and its total recovery from the feed. The target is to achieve 90% CO 2
capture with a purity of greater than 95% to meet the specification for sequestration.
Depending on the purity and recovery trade-off for given input conditions, more than
one membrane module may be needed to achieve the desired target.
Sweep p P eae
Retentate Feed
Figure 4-3: Counter Current Membrane Separation
As described by the solution-diffusion transport model, the flux of each permeating
species can be written according to Eq. 4.16 as
d (i= -_DoNP (pfxi - ppy2 ) (4.16)
dz
where u is the retentate flow rate, xi is the concentration of species in the retentate,
Do is the outer hollow fiber diameter, N is the number of fibers, and y is the local per-
meate stream mole fraction at the membrane interface. Membrane permeabilities Pi,
in the above equation are assumed to be independent of pressure and concentration.
The concentration of the local permeate stream at the membrane interface, yi, is
generally different from that of the bulk permeate stream, y7. The key assumption
in this model is that for membranes with an ultrathin skin and a highly porous
supporting layer, the effect of back-diffusion from bulk, y, to membrane interface, yi,
is negligible. This together with material balance yields,
d (usi)d = Yi (4.17)
du
u + v = Uf + vs, (4.18)
uxi + vv = Ufxfi + vswpy,s,i (4.19)
where v is the bulk permeate flow rate and yswp,i is the mole fraction of sweep gas. Bulk
permeate concentration can be obtained from interfacial membrane concentration by
rearranging and combining above equations as
= UfXfi - UXZ (4.20)
u1 - U
It is assumed that the pressure drop of feed on the bore side can be calculated by the
Hagen-Poiseuille equation
dp 2  256RTLm (4.21)
dz -D4iN
where pm is the viscosity of gas mixture. Differentiation and replacement of v with
help of Eqs. 4.18 and 4.21, leads to
dp 128RTpm uf - u
dz 
-rD4iN p,
Eq. 4.16 can be summed to get total feed permeation as
du
- = -rDoNN
dz
(4.22)
(4.23)
n
Pi (p X - Ppyi)
i=1
The retentate side species concentration can be calculated after applying product rule
on the left hand side and rearranging Eq. 4.16 as
dxi 1 xidu NP
dz uI dz (pyXi - ppy)] (4.24)
In order to calculate local permeate concentration we divide Eq. 4.16 by Ji and take
summation over every component. On substituting that in Eq. 4.17, we obtain
du DoNp (1 - A) (4.25)
where
PPSPp =
, Y= yi/P
Pf
Also, Eqs. 4.16 and 4.17 can be rearranged to give
du 7rDoNP (xi - Ay) (4.26)
The above Eqs. 4.25 and 4.26 can be used to obtain relation of local permeate side
interfacial concentration to feed side concentration as
Pzxiyo
Yi = y1 - A + APiyo
(4.27)
which must satisfy the constraint,
n
y,? 1(4.28)
2=1
Solution Methodology
The membrane permeator performance can be classified as a either a rating problem or
a design problem. For rating problems, the retentate and permeate stream conditions
are determined for a given membrane area. On other hand, for design problems, based
on the specification of desired product stream conditions (i.e., retentate or permeate
concentration), membrane area required for achieving this separation is calculated.
The solution algorithm for rating type problems is as follows:
1. The fiber outer diameter Do, thickness t, length L, number of fibers N, mem-
brane permeance P, temperature T, feed pressure pf, permeate pressure pp,
feed composition xfi and feed flow rate uf are passed as input arguments to the
function.
2. Initial yj is calculated using Eq. 4.27 using MATLAB fsolve and inputs xi =
xf, pf = Pf,z=o and pp.
3. Using pp, u = uf, xi = xfi, Pf = PIf,z=o and the value of y calculated above,
integration of Eqs. 4.23, 4.24 and 4.22 is carried out using MATLAB odel5s
solver from z = 0 to calculate u, xZ , pp for next step.
4. Permeate interfacial concentration yi is updated after each integration step,
with new values of xi and pp by calling fsolve for Eq. 4.27 satisfying constraint
Eq. 4.28. Bulk permeate concentration y is calculated using Eq. 4.20.
5. Integration is proceeded in this manner based on updated values of yi, xi, u and
pp till z = L.
Similar procedure can be used for co-current flow and shell side feed. For design
type of problem to calculate the length of membrane required for meeting a product
specification of CO 2 in the permeate, a conditional statement can be used to stop
integration after the desired purity, y, or recovery of CO 2 has been achieved.
Integration of Models with Aspen Plus®
A USER2 block in Aspen Plus® was used to model customized high temperature CO 2
separation processes that was linked to an Excel file. A piece of code was developed
to establish two-way communication between Excel and Matlab. Based on input con-
ditions received from Aspen Plus® into Excel, models simulating high temperature
separation processes in MATLAB were executed and results returned to Excel. This
automated cycle provided the functionality to integrate Aspen Plus® Simulation En-
gine with user developed models and an easy way to incorporate membrane or sorbent
separation processes as a part of the IGCC flowsheet. The models could be executed
on the fly with a low turnaround time for Aspen Plus® simulation convergence.
4.5 Results and Discussion
As of now, no CO 2 membranes have been demonstrated to perform with high se-
lectivity at high temperature IGCC conditions. Polymeric membranes having CO 2
permeabilities as high as 3650-9710 Barrer [69, 80], showing CO 2/H 2 selectivities up
to 500 have been reported at low temperatures and high relative humidity conditions.
Steam generally has a large permeability in the polymeric membranes and diffuses
along with CO 2 in the syngas to the permeate side. Table 4.1 provides the operating
conditions for the membrane unit in the IGCC plant and lists the design assumptions
made to generate the simulation results in this section.
Figs. 4-4 and 4-5 show the performance characteristics of the membrane module
at the operating conditions given in Table 4.1. The driving force of CO 2 flux i.e.,
difference in partial pressure of C0 2 across the membrane, decreases along the length
as a result of the pressure drop and lower CO 2 concentration on the retentate side.
Fig 4-5 shows the variation in concentration of species in the retentate along the
length of the membrane. As more CO 2 permeates across the membrane, the retentate
Simulation Parameters Value Units
Feed Flow rate 10.5 kmol/s
Feed Pressure 5.372 MPa
Feed Temperature 497.4 K
Sweep gas Flow rate 0 kmol/s
Permeate Pressure ratio 10
Outer Diameter 200 Pm
Inner Diamter 80 tim
Number of Fibers 108
Viscosity of feed 2 x 10- 5  Pa s
Permeability of CO 2  3650 Barrer
Selectivity aCO2/H2 100
PH20 >> PC02
Table 4.1: Operating conditions and design parameters of membrane module
stream gets enriched in H2 and depleted of CO 2. Almost all of the steam, that is highly
permeable in the polymer membranes, permeates to the low pressure side.
It is important to note that in pressure-driven solution-diffusion transport, CO 2
flux across the membrane is influenced by the total permeate pressure and feed com-
position but is independent of the bulk permeate concentration. The effect of back-
diffusion on the permeate side is assumed to be negligible and therefore using a sweep
gas to lower the CO 2 partial pressure does not increase the driving force across the
membrane. A certain flow rate must be maintained on the permeate side to aid
the mass transfer of species from the membrane interface to the bulk, which can be
achieved by recirculating some part of the captured CO 2 itself as the sweep gas. This
would avoid the need for any futher separations and usage of pressurized steam from
the HRSG as sweep gas.
Fig 4-6 shows the CO 2 recovery obtained by operating the membrane module at
different permeate pressures across the membrane. The purity of the permeating
species is a function of membrane selectivity and its recovery is dependent on mem-
brane permeability. Larger the pressure difference, greater is the driving force and
consequently higher CO 2 capture. The purity-recovery trade-off suggests that in order
to meet the purity specification for CO 2 sequestration (> 95%) and simultaneously
achieve the target of 90% CO 2 removal, it is necessary to maintain the permeate pres-
sure at 1 atm or lower (pressure ratio of 50) for a membrane with C0 2/H 2 selectivity
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Figure 4-4: Variation of partial pressure difference across the length of membrane,
aCO2/H2 = 100, Pressure ratio 10 for a membrane specification given in Table 4.1
0.9
0.8 -
0.76 ....-.
*H20
S0.5 .. ........... .e"...
0.2 :
0.1 .
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
Normalized length of membrane
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Figure 4-6: CO2 capture with varying pressure ratio. aCO2/H, = 100 and permeability
of 3650 Barrer. The target CO 2 purity is 0.95
of 100. However, polymer hollow fibers are presently known to withstand pressure
drops of about 20 bar. In order to get a higher CO 2 capture at a lower pressure ratio,
the membrane selectivity would need to be enhanced as shown in Fig. 4-7. It plots
the achievable recovery for membranes of varying selectivity at a pressure ratio of
20. In order to obtain 90% recovery of high purity CO 2 at a pressure ratio of 20, the
membrane should have a minimum selectivity of 150. In conclusion, higher recovery
can be achieved by either improving the selectivity of present membranes or their
mechanical strength so that they can be operated with higher pressure drops.
It has been reported that the manufacturing cost of hollow fiber polymer is about
$10-30/m 2 [35]. Fig 4-8 shows the capital cost of the membrane module to achieve
desired CO 2 capture for different values of permeate pressure. These calculations
assume total cost of hollow fiber membrane to be $50/m 2 taking into account con-
tingency for differences in polymer material and CO 2 carriers. Lower pressure ratio
across the membrane implies a lower driving force for CO2 flux, leading to higher
membrane area and capital expenditure for achieving desired separation. In order to
79
I I I
- Pressure ratio 50
............................. ........ --- Pressure ratio 10
i ....... Pressure ratio 5
-N
-N
-... . ....... . .. ..... . .... : ..... - ....... ....
c
urcUXi .i - . .
0.1 0.2 0.3 0.4 05 0.6
Recovery of CO2
0.7 0.8 0.9
Figure 4-7: CO 2 capture by membranes of varying selectivity
20. The target CO 2 purity is 0.95
at a pressure ratio of
0.2 0.3 0.4 05 06
Recovery of C02
0.7 0.8 0.9 1
Figure 4-8: Capital cost of membrane module as a function of CO2
= 500, aCO2 /H 2 0 = 500
capture, aCO2/H2
0.995
099
0985
098
0.975
097
0965
096,
0.955
........... ... .. . . ...... .......""' ':r~ir~; ; ,'" I. ... .... ... ... i .
Selectivity 500
.. ... Selectiity 2 ......... .... .. .. . ......... ........... . ... .. ......
.- S ect ity .......................
. Selectiity 100
.......'  ' ttZ..
.
0
x 10
................. ...................... . . .... ....... ........ .......
--- Pressure ratio 50
.. . . . .. ..
........ Preis'sM ratio 10
--- Pressure atIo 5
........ ! ... i ".. ....... i , ..... ....... : ........S ............. ...... .... .... ........
i ! !i. " : !'
....... . .... .""  ..  ... ... .. .. . ' ' ....... :  ..... ......: ! ! : /I ," i :
. ........ . ....... ...... .... . ... ....... ....... .......
......... . .. . .. .. ... ..............
. ... . : : 4 ,' " : :
1.8
1.6
C 14
E 1.2
08
06
3 0.4
0.2
0
o" 0.1
J<J . .I1
reduce the capital cost, the membrane module should be operated at a low permeate
pressure, however, this would mean higher cost of compressing CO 2 to high pressure
for sequestration. There is a trade-off between greater operational efficiency (lower
compression of captured CO2) against the cost of membrane unit to achieve desired
CO 2 capture.
CO 2 Membrane in IGCC with CCS
Table 4.2 shows the potential improvement in IGCC efficiency by using a CO 2 mem-
brane that assumes similar permselectivities could be demonstrated at IGCC condi-
tions. If the designed membrane is selective only towards CO 2 and not permeable to
steam in the syngas, then the simulations predict a potential gain of 2.9% in thermal
efficiency (HHV) (i.e. about 9% increase in net power output) of an IGCC plant
with 90% CO 2 capture when operating at optimal pressure ratio. However, since
most polymeric membranes at present show large permeability to steam (orders of
magnitutde greater than CO 2 permeability), it is more reasonable to assume that if
a high temperature membrane is designed it would allow steam to permeate to the
low pressure side. In such a case, results suggest a potential improvement of 1.6% in
thermal efficiency (HHV) (i.e. about 5% increase in net power output) of the IGCC
plant with 90% CO 2 capture. In both cases the operating pressure of the membrane
module has been optimzed to give the maximum gain in efficiency constrained by the
membrane area required to achieve the separation.
CO 2 Membrane CO2 MembraneCold
Power Summary (MW) Cleanup CO2/H2  500 PH20 >> Pco2
Selexol aoC0 2/H 20 = 500 aC02/H2 = 500Pressure ratio 20 Pressure ratio 10
Total Power Generated 803.4 791.6 782.2
Nitrogen Compression -44.9 -34.6 -24.2
Carbon Dioxide Compression -29.9 -22.6 -45.6
Auxiliary Power Loads -156.7 -112.7 -112.7
Net Power Output 571.9 621.8 599.7
Thermal Efficiency (HHV) 33.44% 36.36% 35.07%
Table 4.2: Optimal CO 2 Membrane Performance
Fig. 4-9(a) plots the IGCC thermal efficiency for different operating pressure ratios
as a function of CO 2 captured. Operating at high permeate pressures limits the
maximum amount of high purity CO 2 that can be captured using the membrane
unit. The plant thermal efficiency (HHV) decreases as more CO 2 is captured but is
still greater by 1.6% points than with the Selexol® process. Fig 4-9(b) shows the
corresponding capital expenditure associated with each of these CO 2 capture levels.
Higher CO 2 capture implies larger membrane length and consequently higher capital
expenditure. However, capital cost for any membrane module is still much lower than
the $172 mil. required for Selexol® process [5].
Fig 4-10 shows the maximum amount of high purity CO 2 that can be captured
by membranes of varying selectivities under different operating conditions. If the
membrane selectivity is poor then it limits the amount of high-purity CO 2 that can
be recovered for sequestration using the membrane. The results indicate that a min-
imum selectivity of 100 is necessary for polymeric CO 2 membranes operating at 1-5
bar permeate pressure for meeting the target of 90% CO 2 capture. Similarly, a mem-
brane with selectivity lower than 30 would be incapable of providing any CO 2 that
meets the purity specification required for sequestration. The main unsolved chal-
lenge is identifying membrane materials with C0 2/H 2 selectivities greater than 50 at
temperatures about 230 C.
One potential way of using CO 2 membranes with low selectivity that are stable
at IGCC conditions would be to use two or more stages of membrane separation.
In the first stage syngas would be passed through a CO 2 selective membrane to
obtain a permeate stream with significantly higher CO 2 concentration. This permeate
stream can then be re-pressurized and run through a second membrane module to
obtain higher purity CO 2 that meets the specification for sequestration. However, this
method would probably be economically inviable as it requires capital expenditure
for two membrane modules and an enery intensive recompression between stages, and
yields low CO 2 recovery.
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Chapter 5
Adsorbents for CO 2 Separation
The wide range of concentration and chemical reactivity of the components in the
syngas stream, presents challenges of varied nature in removal of each of these species
using sorbents. This situation can be illustrated using two different contaminants
found in the syngas stream: mercury and carbon dioxide. While mercury removal
involves the smallest volume of material - its concentration in the syngas stream is
roughly 100 ppbw [64] - it is in many ways the most difficult separation. Because of
its very low partial pressure in the syngas, it is difficult to find materials which bind
mercury strongly enough to effectively remove it. On the other end of the spectrum,
the carbon dioxide separation is challenging because such a huge volume of material
must be separated and then compressed for underground sequestration. Because of
the tremendous coal throughput in a typical power plant, it is essential to find the
most efficient process. For the CO 2 separation, an efficient separation process would
be one that reduces the raw material costs and the generation of large volumes of
waste. This implies that a reversible adsorption process would be the only possbility
in IGCC for any candidate sorbent. Therefore, not only careful attention must be paid
to the ability of the sorbent to capture carbon dioxide, the energy and capital costs
to regenerate the sorbent are equally important and must also be taken into account.
Many materials have been proposed as potential warm-temperature carbon dioxide
sorbents, including alkali earth metal oxides, hydrotalcite, and silicates [23, 43, 58, 79],
but these materials either suffer from low capacity at elevated temperatures or large
H2 + CO2 in H out
apth
H20 in H20 + CO 2
out
Figure 5-1: Fixed sorbent bed process for modeling CO 2 adsorption desorption
energy penalties associated with their regeneration. Regeneration of a sorbent is
usually accomplished using pressure- or temperature-swing processes. In order to
determine the energy penalty associated with regeneration, a numerical simulation
of the sorbent bed was developed to simulate the adsorption-desorption cycle for
different pressure- and temperature-swing processes. To demonstrate our method,
an equilibrium-based single stage adsorption-desorption model was chosen. However,
the model is still under development and more complex models, such as that of
Kumar [38], can be substituted in the future.
5.1 Adsorption and Desorption Model
For ease of calculations, the fixed bed sorbent system was originally modeled as a
one-stage reactor at equilibrium as shown in Fig. 5-1. Mass and energy balances were
derived in order to model the fixed bed system. The equilibrium relation used to
model the cyclic adsorption and desorption process is shown in Eq 5.1.
nco2 CrefKequ il(T) = ( nC (5.1)(ntot - nco 2)CCO2
Kequil refers to the equilibrium constant associated with adsorption for a given ref-
erence concentration (Cref, at 1 atm and the reactor temperature). Kquil depends
on the enthalpy and entropy of adsorption, where the enthalpy is given as an input
to the simulation. The entropy is assumed to be a constant value of -15 cal/mol-K
in the case of small enthalpies of adsorption (indicative of a physisorption) and -35
cal/mol-K for large enthalpies of adsorption (indicative of chemisorption). These val-
ues were chosen based on typical values found in the literature [70, 40]. Finally, nco2
and ntot refer to the number of moles of carbon dioxide dioxide in the adsorbed phase
and the number of moles of total sites on the sorbent, respectively.
The sorbent bed is initially assumed to be partially regenerated from the previous
cycle and at a temperature To. In the first step, the bed comes in contact with syngas
stream and adsorbs CO 2 till it gets completely saturated and attains equilibrium with
CO 2 in the reactor headspace. During this process its temperature increases to Tads
by the heat released from the enthalpy of adsorption. In the next step, as would be the
case in a pressure-swing regeneration process, the pressure of the reactor is lowered,
and the distribution of carbon dioxide between the vapor- and adsorbed-phases is
adjusted accordingly. In order to calculate the amount of CO 2 that desorbs from the
bed after the pressure flash, first, we need an expression relating the mole fraction
of CO 2 in the void volume to the number of moles that have desorbed from the bed.
The mass balance in the reactor headspace can be written as Eqs. 5.2 and 5.3
dNvoid = dndesorb - dnout (5.2)
dNco 2 = dndesorb - YCO2 dnout (5.3)
where Nco2 and N are the number of moles of CO 2 and total number of moles in
the reactor headspace, respectively. ndesorb is the number of moles of CO 2 desorbing
from the bed, Yco 2 is the mole fraction of CO 2 in the headspace and not is the total
number of moles leaving the reactor headspace. Also the change in the number of
moles in the headspace with temperature, is given by differentiating the Ideal gas law
to give Eq. 5.4
dN = -PVoid (5.4)
dT RT 2
where Vvoid is the volume of the void space (headspace) in the reactor. Substituting
Eq. 5.2 in to Eq. 5.3 and combining with Eq. 5.4 gives
= 1 - Yco 2 - YC0 2  (5.5)
dndesorb RT 2 dndesorb
where Yco 2 can be replaced by Nc0 2 and the number of moles in the headspace, N,
at any instant are Pvo. The thermal balance of the reactor, Eq. 5.6, relates the
temperature fall of the reactor to the heat consumed as each mole of CO 2 desorbs
from the bed.
dT AHads (5.6)
dndesorb ENiCp,i
where the number of moles and heat capacity of each species are denoted by Ni and
Cp,i, respectively. The coupled system of Eqs. 5.5 and 5.6 are integrated till the
equilibrium relation (Kequil) given in Eq. 5.7 is satisfied, to give the total number of
moles of CO 2 that desorb after the pressure flash of the reactor.
Kequil(T) = (nC02 - fdesorb) re (5.7)(ntot - nco2 + ndesorb) V oi
The number of moles of carbon dioxide that desorb through this pressure flash are
often insufficient for suitable sorbent regeneration. In this case, superheated steam
at the regeneration pressure and elevated temperature (for temperature-swing regen-
eration) is flowed through the bed to desorb the remainder of the carbon dioxide.
This process can be modeled with Eqs. 5.8 and 5.9. Different modeling stages of the
adsorption-desorption process can be represented by a schematic as shown in Fig. 5-2.
VvoiddCco = dVH2 ,nT RT)
VodCco2  - ( H - dnco2 P Cc 2 dnco2 (5.8)
E NiCp,idT = dNH2O,inCp,H2O (TH20 - T) - dnco2 AHads (5.9)
Eq. 5.8 reflects the change of concentration of carbon dioxide (Cco), balanced by
the number of moles of carbon dioxide leaving the control volume and the number of
moles of carbon dioxide that desorb from the sorbent bed. In Eq. 5.8. dVH2 refers
Initial
High P
To
Regenerated
Sorbent
IngaI . . .
Adsorption
High P
Higher Tads
Equilibrium
Yco2 = Yeq
Saturated
Sorbent
Pressure Flash Steam Purge
Steam
Regen. P Regen. P
Tads T Tregen
Not in Equil. Equilibrium
Yco2 Yeq. new Yco2 = Yeqfinai
Partially- Regenerated
Regenerated Sorbent
Sorbent
CO2 lost from headspace
and sorbent
Figure 5-2: Modeling pressure and temperature swing adsorption desorption cycle
to the steam volume being introduced into the reactor at temperature TH2O. T and
P refer to the temperature and pressure of the reactor, respectively, and V oid refers
to the void volume (headspace) of the reactor. Eq. 5.9, the thermal balance of the
reactor, relates the temperature rise of the reactor to the heat transfer from the steam
and the desorption of carbon dioxide. The number of moles and heat capacity of each
species are denoted by Ni and C,,i, respectively.
The differential amount of carbon dioxide desorbed from the sorbent bed (dnco2)
in Eqs. 5.8 and 5.9 is determined from a rearrangement of Eq. 5.1 using the total
number of moles of sites on the sorbent (ntot) to form a Langmuir-type isotherm as
given in Eq. 5.10.
ntotKequil(T) CcOf
nCO2  
Ce f
1 + Kequil(T) cC
(5.10)
By inserting differential change of nco2 from Eq. 5.1 into Eqs. 5.8 and 5.9, these
equations can be integrated for every differential volume of steam introduced into the
reactor. Integration ceases when a predetermined amount of CO 2 has desorbed from
the bed. An additional equation required to solve the system is,
dnco2 = dnco 2 dCco2 + 2 dT (5.11)dCco2  dT
where dnC0 2 can be obtained from Eq. 5.10 as,dCco
2
Kequit (T)
dnco2 ntot f (5e2)
dCco 2  ( + Kequil(T) CC
and d 2 is obtained using Eqs. 5.10 and 5.9 as,
dnco2  totKequil (T)AH4  Cc 2 + ntotKequil(T) C 0 2
dT 2 + f ) Pf (5.13)
dT1 + Kequil( s2Ce
The mole flow rate of CO 2 leaving the reactor at any one time during the steam purge
is equal to the volumetric flow rate multiplied by the concentration.
Fco2 = vCco2  (5.14)
This can be rewritten as:
dNco0 = dVCco2  (5.15)
where dV is the total volume displaced by the incoming steam and CO 2 desorbing
from the bed, as given in Eq. 5.16
T RTdV = dVH2O,in dnco (5.16)
TH2 ,2n P
Therefore, the number of moles of CO 2 leaving the reactor during the steam purge in
the simulation is given by:
dNco 2  (dVH20.nT - dnco 2 - Cco 2  (5.17)
The above integrated quantity added to the moles of CO 2 vented out and desorbed
during the pressure flash step gives the total number of moles of CO 2 that are captured
in this pressure-temperature swing adsorption-desorption cycle. A Matlab program
for performing all these simulations was written by David Couling, and integrated in
the Aspen PlusO flowsheet as described in Section 4.4.
5.2 Results and Discussion
Simulations were run to determine the performance of hydrotalcite for CO 2 capture
at IGCC conditions of 54 bar pressure and 505 K. Enthalpy of adsorption and ex-
perimental sorbent capacity were taken from the literature [27] and used to calculate
the entropy change associated with adsorption. The entropy was calculated to be -65
J/mol-K as seen in the case of small enthalpies of adsorption which is indicative of a
physisorption. Steam at 1 atm and 550 K was used as a sweep gas for desorption. The
sweep gas temperature of 550 K was chosen as a typical value because it is constrained
to be within a relatively narrow window, needing to be above the dew point of the
steam but below the maximum available steam temperature of approximately 600 K.
Because of this narrow operating range of temperature, the regeneration processes
favor large changes of pressure. Table 5.1 gives the predicted hydrotalcite performace
at IGCC conditions. The amount of steam required for regenerating the bed after
90% CO 2 capture at atmospheric pressure was calculated as 10.65 moles per mole of
CO 2 in the syngas. This totals to more than all the steam generated in the steam cy-
cle of the IGCC plant. Clearly, it is not practical to use hydrotalcite directly for CO 2
capture in IGCC and alternative sorbents must be found. The poor performance of
hydrotalcite can be attributed to small entropy of adsorption compared to the change
in enthalpy that gives a AGads of -8 kJ/mol. The high free energy of adsorption
favors CO 2 to remain on the sorbent bed and requires higher amount of steam for
regeneration.
In order to find the properties of the optimal sorbent, enthalphy of adsorption was
varied to predict the amount of steam required for regenerating the bed for a 90% CO 2
capture case. The entropy is assumed to be a constant value of -65 J/mol-K in the
case of small enthalpies of adsorption (indicative of a physisorption) and -160 J/mol-
K for large enthalpies of adsorption (indicative of chemisorption). The capacity of the
Operating Conditions
Initial bed temperature 505 K
Initial bed pressure 53.72 bar
Regeneration Pressure 1 bar
Regeneration Steam Temp 550 K
AHads -41 kJ/mol
ASads -65 J/mol-K
Results
Steam to CO 2 ratio 10.65 mol/mol
Capacity (wt %) 14%
Table 5.1: Hydrotalcite sorbent performance at IGCC conditions with steam regen-
eration at 1 atm and 550 K
hypothetical sorbent is calculated in each case and only the ones having a capacity
greater than 1% were considered practical for application. As shown in Fig. 5-3,
the optimal enthalpy of adsorption that requires lowest amount of steam energy for
regenerating the bed was found to be -61 kJ/mol that gives a corresponding free
energy change of 20 kJ/mol. The positive AGads indicates that desorption of CO 2 is
more favorable than adsorption. The high partial pressure of CO 2 (16 bar) at IGCC
conditions provides it a sufficient driving force to overcome the free energy change
associated with adsorption. On lowering the pressure, CO 2 easily desorbs without
needing large amount of steam for regeneration. The capacity for this sorbent is
estimated to be 1.2% as seen in Fig 5-4.
It is important to note that in order to determine capacity at conditions differ-
ent from experiment, it was assumed that capacity inversely changes with the total
number of sites needed to capture a fixed amount of CO 2. Higher the number of sites
required for CO 2 capture, lower would be the capacity. In the case of physisorption,
an experimental capacity of 3.5 wt% was reported by Hufton et al [27] and in the case
of chemisorption, a capacity of 30% was reported by Martavaltzi [44]. The capacity
at other conditions was calculated by weighting the experimentally observed capacity
with the ratio of the total number of sites present at the experimental and simulated
conditions. However, for more accurate calculation of the capacity an estimate of
the total number of sites present per unit weight of the sorbent material needs to be
known. No attempt has been made to address that in present work.
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Power Summary Cold Cleanup Optimal Sorbent
(MW) Selexol@ (90% Capture)
AHads - -61 kJ/mol
Total Power Generated 803.4 793.9
Nitrogen Compression -44.9 -20.9
Carbon Dioxide Compression -29.9 -52.1
Auxiliary Power Loads -156.7 -112.7
Net Power Output 571.9 608.2
Thermal Efficiency (HHV) 33.44% 35.57%
Table 5.2: Optimal Sorbent Performance with Steam Regeneration at 0.75 atm and
550 K
The simulation estimate of the IGCC plant efficiency using this optimal sorbent
for carbon dioxide capture are shown in Table 5.2. The sorbent case reported is based
on the pressure of regeneration and the sorbent enthalpy of adsorption that maximizes
the net power gain using steam as a sweep gas at 550 K and 1 atm. The cold cleanup
case using the Selexol® process for CO 2 removal is the base case, as reported earlier
in Chapter 2. The total power generated actually decreases with this configuration,
since the extra steam that is generated from the warm temperature process has to be
diverted to the sorbent bed for regeneration. The overall increase of 2.1% points in
HHV thermal efficiency shown in Table 5.2 is due to both the reduction in nitrogen
compression and the removal of the auxiliary power loads that are normally present in
the Selexol® process. The optimal binding energy used in this case was -61 kJ/mol,
indicative of a fairly weak chemisorption. This is a logical result, since the key to an
efficient reversible process is that a material is bound, but not bound too tightly.
Fig. 5-5 shows the amount of steam required for desorption of CO 2 from the satu-
rated sorbent bed for various regeneration pressures. Larger the pressure swing, lower
is the amount of steam required for regeneration. However, large pressure changes
result in greater CO 2 compression costs for sequestration and therefore reduced IGCC
efficiency. Fig. 5-6 quantifies this trade-off between lower sweep steam requirement
and compression cost by plotting the IGCC thermal efficiency for various regenera-
tion pressures. It can be seen that the optimal sorbent regeneration pressure for 90%
C0 2 capture lies between 0.75-1 atm, and for partial 70% capture, it falls between
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Figure 5-5: Ratio of steam to CO 2 required for regenerating sorbent bed at vari-
ous regeneration pressures, hypothetical sorbent with AHad, = -61 kJ/mol, steam
temperature = 550 K
1-1.5 atm. The IGCC power output quickly deteriorates if regeneration is carried
out at pressures further outside this range as the compression costs or sweep steam
requirement increase steeply as seen in Fig. 5-5. At optimum regeneration pressure,
the IGCC thermal efficiency for 90% CO2 capture is 2.1% percentage points higher
than the efficiency of base case capture with Selexol® process.
---- 90% Capture --**- 70% Capture
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Figure 5-6: IGCC thermal efficiency as a function of bed regeneration pressure and
CO 2 capture percentage, hypothetical sorbent with AHads = -61 kJ/mol, steam tem-
perature = 550 K
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Chapter 6
Summary and Further Work
In this thesis, various high temperature syngas cleanup methods in IGCC are ex-
plored by means of simulations. The purpose of these simulations is to evaluate the
suitability of each candidate technology for CO 2 capture at IGCC conditions and
suggest alternate designs of the flowsheet integrating these processes. Using our com-
putational approach we evalualte and arrive at the optimal operating conditions for
membrane and sorbent based syngas cleanup processes. We make conclusions re-
garding the desired properties of sorbent and membrane materials that would pave
their way for widespread application in IGCC. The goal is to provide direction and
impetus to experimental research by highlighting relevant concepts and challenges in
development of these technologies.
6.1 Summary of Results
Warm CO 2 Capture
In Chapter 2, a simulation of warm syngas cleanup in IGCC was developed to assess
the potential benefit of high temperature operation over base case cold cleanup.
* A thermal efficiency (HHV) gain of 0.8% points (2.3% increase in power output)
is predicted by using high temperature syngas cleanup methods assuming same
auxiliary load requirement as the base case. Further gains would be possible by
devising processes that are more energetically efficient than the capital intensive
Selexol® process used for Sulfur and CO 2 capture in the base case. The benefits
of warm syngas cleanup essentially result from retaining the high pressure steam
diluent in the syngas that leads to reduced requirement of N2 diluent from the
ASU. This saves the compression load of pressurizing the N2 to the gas turbine
delivery pressure. However, some of this gain is offset by higher output of the
steam cycle in the cold cleanup case due to larger amount of low pressure (LP)
steam generation.
* A simulation of high temperature Sulfur removal process using ZnO-based sor-
bent was developed and parasitic energy load associated with the process was
estimated to be 4 MWe.
* A framework has been developed to analyze performance of any potential novel
syngas cleanup technology in IGCC. Based on the auxiliary load and steam re-
quirement of the cleanup process, the flowsheet has been optimized to maximize
the power output associated with a given operating configuration.
Membranes for H2 Separation
Chapter 3 explored the performance and efficiency of polymer and metal-alloy com-
posite membranes for H2 separation in IGCC. Hydrogen in the syngas permeates
across the highly selective Pd-alloy or polymer based membrane leaving behind high
pressure CO 2 retentate for compression and sequestration.
A thermal efficiency (HHV) improvement of 1.7% at a permeate pressure of
10 bar was estimated for Pd-alloy H2 membrane separation over the base case
cold cleanup. The gain in efficiency is higher than cold cleanup as membrane
separation is energetically more efficient for CO 2 capture than the capital in-
tensive Selexol® process. Also the captured CO 2 in the retentate is at a high
pressure and requires lower compression load for sequestration. The maximum
gain achievable using Pd-alloy H2 membranes is limited as the high pressure
steam diluent in the syngas is left behind with the retentate and separated H2
needs to be diluted and re-pressurized.
* The cost and thermal efficiency of Pd-alloy composite membrane modules were
estimated for different permeate pressures and hydrogen recoveries to optimize
the operational efficiency and capital cost of the membrane unit. A pressure
ratio of 10 (permeate pressure of 5 bar for a 50 bar feed) and a hydrogen
recovery of 99.5% were found to be optimal for operating the membrane unit.
A capital cost of $30 mil. was calculated for such a unit and this leads to a
HHV thermal efficiency of 35.2% (1.7% point gain over the base case) for the
overall IGCC-CCS process. In this case, all the CO 2 in the syngas stream was
assumed to be captured and sequestered. Higher permeate pressures provide
greater operational efficiency but the cost of the membrane module becomes
rapidly prohibitive. Thermal efficiency of the IGCC plant was found to be
strongly dependent on the hydrogen recovery. It is therefore essential to have
H2 recovery from the syngas as high as possible (> 99.5%). A high H2 recovery
is also essential to obtain high purity CO 2 in the retentate that meets the
specification for sequestration.
* Sweep gas on the permeate side lowers the partial pressure of H2 and helps in-
crease the driving force across the membrane leading to a lower membrane area.
Assuming negligible mass transfer limitations in the gas phase, the simulations
predict that having a feed to sweep ratio of 5:1 sufficiently brings down the
membrane area and associated cost. Steam from HRSG or N2 from ASU can
be used for this purpose. Using steam however, would reduce the power output
from the steam turbines and therefore, N2 sweep is the preferred option.
* A simulation of IGCC with CCS was performed using a polymeric membrane
for H2 separation. The membrane was assumed to have selectivity exceeding
the Robeson bound as demonstrated by the PBI membrane under development
at LANL [36]. For a partial CO 2 capture case (75% capture), the IGCC thermal
efficiency (HHV) was predicted to be 35.2% with a membrane having H2 per-
meability of 100 Barrer and a selectivity of 40. In a polymeric H2 membrane, as
the H2 and steam from the syngas are recovered at low pressure permeate side
and need to be re-compressed before the gas turbine, the advantage of having
the high pressure steam diluent in the syngas is lost.
* A target H2 permeability of greater than 2000 Barrer and a selectivity of 100
was estimated to make H2 polymeric membrane separation efficient for 90% CO 2
capture. A selectivity of 20 would be sufficient to achieve a partial CO 2 capture
of up to 75% at a pressure ratio of 50. In order to operate the membrane unit at
a lower pressure ratio of 10, the selectivity would need to be further improved
to 50 for same capture levels.
Membranes for CO 2 Separation
In Chapter 4, a multi-component membrane separation model was developed and
integrated in Aspen PlusO for evaluating performance of CO 2 membranes in IGCC
with CCS.
* As of now, CO 2 membranes have been demonstrated to perform with high selec-
tivity only at low temperatures and high relative humidity conditions. However,
for an ideal CO 2 membrane capable of exhibiting same the permselectivities at
IGCC conditions, the simulations suggest a potential improvement of 2.9% in
thermal efficiency (HHV) (i.e. about 9% increase in net power output) than
base case cleanup for 90% CO 2 capture. This is the maximum potential gain
in the energy efficiency that can be achieved assuming that the membrane is
selective only towards CO 2. However, most polymer membranes show large per-
meability to steam, thus removing the high pressure diluent from the syngas.
In this case, a potential improvement of 1.6% in thermal efficiency (HHV) (i.e.
about 5% increase in net power output) over base case is predicted for 90% CO 2
capture. This is similar to the gain predicted on using a Pd-alloy H2 membrane,
where too the high pressure steam diluent in the syngas is of no advantage.
100
* The performance of the membrane unit was studied for different permeate pres-
sures and membrane selectivities. In a solution-diffusion transport, at high
pressure ratios the CO 2 flux across the polymeric membrane is not affected by
the bulk permeate concentration. This implies, that using a sweep gas to lower
CO 2 partial pressure in the permeate does not increase the driving force across
the membrane. Therefore, in order to avoid any futher separations and usage of
steam, it would be optimal to recirculate some part of the captured CO 2 itself
as the sweep gas to maintain the flow on the permeate side.
* Operating the membrane at a high pressure ratio leads to higher CO 2 recovery
and lower usage of membrane area but reduced gain in plant efficiency. Given a
membrane selectivity, the optimal permeate pressure was evaluated for different
CO 2 capture levels. In order to achieve high purity 90% CO 2 capture meeting
sequestration specification (> 95%), it is found that the membrane module
should be operated at an optimal pressure ratio of 10 to get maximum gain in
energy efficiency. Such a membrane unit is estimated to have a capital cost of
around $50 mil. and an overall IGCC-CCS thermal efficiency of 35.1% (HHV).
In the case of partial CO 2 capture (70% capture), it is optimal to operate
the membrane module at a lower pressure ratio of about 5. The cost of the
membrane unit for partial capture is estimated to be $19 mil. with an IGCC
thermal efficiency of 36.9% (HHV).
* The separation model was used to find the minimum membrane selectivity
needed to achieve a given capture level of high purity CO 2 (> 95%). Assuming
the maximum pressure ratio of membrane operation as 20, a minimum C0 2/H 2
membrane selectivity of 150 is necessary for 90% capture of high purity CO 2.
For a partial capture (70%) case, CO 2 selectivity should be greater than 65.
Having a lower membrane selectivity would require further purification of CO 2
before sequestration.
101
Sorbents for CO 2 Capture
Chapter 5 examined the use of sorbents for CO 2 capture in an IGCC process. An
equilibrium based combined temperature and pressure swing adsorption-desorption
model for adsorptive separation was used in conjunction with Aspen Plus@ simula-
tions to determine the performance of potential CO 2 capture sorbents.
* The adsorption-desorption model was used to determine the optimum binding
energy that makes the sorbent have a high adsorption capacity and at the same
time be amenable to regeneration. This was calculated to be to be -61 kJ/mol,
indicative of a fairly weak chemisorption. This is a logical result, since the key
to a reversible process is that a material is bound, but not bound too tightly.
* An improvement of 2.3% points in IGCC thermal efficiency (HHV) over base
case cold cleanup was estimated by using the optimal sorbent for capturing 90%
of CO 2 in the syngas.
* While regenerating the sorbent, using a higher pressure and temperature swing
leads to lower regeneration steam requirement. However, regeneration at low
pressures can be responsible for higher CO 2 compression costs and therefore re-
duced IGCC efficiency. Simulations were performed to determine the optimum
regeneration pressure for different CO 2 capture levels. For a 90% CO 2 cap-
ture case, the optimal regeneration pressure lies between 0.75-1 atm, and for
partial 70% capture, it falls between 1-1.5 atm. The IGCC efficiency quickly
deteriorates if regeneration is carried out at pressures further outside this range.
In future, a more elaborate model of adsorptive separation including kinetics and
mass transfer in a multi-cycle system could be used to examine the actual performance
of sorbents and find the best operating cycle.
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6.2 Conclusions
Simulations of membrane and sorbent processes for CO2 capture in IGCC suggest
that a significant gain in energy efficiency can be obtained over the low tempera-
ture solvent absorption based Selexol® process presently used for syngas cleanup. In
terms of development, Pd-alloy based composite H2 membranes are the closest to
implementation in an IGCC process and offer about 1.7% gain in IGCC thermal effi-
ciency (HHV) over cold cleanup. Further work is needed to improve their stability and
performance in the presence of impurities like Sulfur, CO and Hg, present in a coal
gasification environment. Polymeric H2 membranes present an excellent candidate for
partial C02 capture at lowest capital cost. Recent research shows promising advance-
ment towards their successful application at IGCC conditions. C02 membranes, if
successfully demonstrated to work at IGCC conditions could provide the largest gain
in the plant efficiency but are currently furthest away from actual implementation.
With their low cost of manufacture and ease of operation, polymeric hollow-fiber C02
membranes provide the best ideal-case performance of all capture technologies. How-
ever, they have been demonstrated to perform only at low temperatures with high
relative humidity conditions, and significant research is needed in order to make them
functional at IGCC conditions. Various sorbents have been reported in the literature
to have a potential for CO02 capture but very few have shown the high capacity needed
to capture large amounts of CO 2 with the easy regeneration required to make their
use energetically efficient. Hydrotalcite is in advanced stages of being tested at IGCC
conditions but it does not appear to have optimal properties for this process. If a
better sorbent material with more optimal properties is identified, it could provide
the best solution for high temperature C02 capture in the near future.
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Appendix A
IGCC Aspen Plus® Flowsheet
This document provides all the modeling assumptions and details of the subsystems
in Aspen Plus@ simulation of IGCC process flowsheet described in Chapter 2. It
describes the level of fidelity used in modeling each unit operation and provides an
overall material and energy balance of the IGCC process.
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A.1 Overall Process Description
Fig. A-1 shows the overall IGCC process flowsheet and its major process subsystems.
Subsystem Label Purpose
Provide high-pressure 02 for gasifi-Air Separation Unit ASU
cation & N2 diluent to gas turbine
Devolatilization, partial oxidation
Coal Gasification GASIFIER and gasification of coal to produce
synthetic gas
Remove chlorides and
Gas Scrubbing SCRUBBER
particulate matter
Convert most of the CO to CO 2 andWater Gas Shift SHIFT
H2
Acid Gas Removal C2-REM Remove H2 S and CO 2 from the cool)Acid Gas Removal CO2-REM
syngas
Compress the CO 2 to supercritical
CO 2 Compression C02 pressures required for
sequestration
Generate electrical power from syn-
Gas Turbines GTURBINE gas expansion and by syngas com-
bustion
Recover heat from flue gas and other
process heat sources to generate
steam used to drive the steam tur-
bines
Table A.1: IGCC Process Flowsheet
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GE IGCC with C02 Capture Wann Syngas Cleanup
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Figure A-1: IGCC Process Flowsheet
A.2 Physical Properties
A variety of the property methods are required to meet all of the needs of the complex
IGCC process. Most of the process is modeled with the Peng-Robinson equation
of state with the Boston-Mathias alpha function (PR-BM.) This Boston-Mathias
alpha function was selected over the standard Peng-Robinson equation because it is
more accurate for high-reduced temperatures for the light gases in the system. The
STEAMNBS steam tables are used for modeling the boiler feed water heaters, steam
boilers and steam turbine unit operations.
The SOLIDS property option is used for modeling coal, slag, ash and char. The
enthalpy model for coal, slag, ash and char is HCOALGEN and the density model
for both components is DCOALIGT. The HCOALGEN model includes a number of
empirical correlations for heat of combustion, heat of formation and heat capacity.
The coal represented in this model is Illinois No. 6 Bituminous Coal and the dry
basis Higher Heating Value of 13126 BTU/lb was used for this coal. The other
non-conventional solid components properties are modeled using the coal correlation
models. Coal Component Attributes used to calculate enthalpy and density are given
in Table A.2
PROXANAL ULTANAL SULFANAL
Component Value Component Value Component Value
Moisture 11.12 Ash 10.91 Pyritic 0
FC 49.72 Carbon 71.72 Sulfate 0
VM 39.37 Hydrogen 5.06 Organic 2.82
Ash 10.91 Nitrogen 1.41
Chlorine 0.33
Sulfur 2.82
Oxygen 7.75
Table A.2: Coal Component Attributes
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A.3 Air Separation Unit
As the focus of the model is energy estimation of CO 2 capture processes in IGCC, the
elevated pressure ASU has been modeled to focus on all the compression operations.
The air separation itself consisting of the cryogenic columns, cold box etc. is simply
represented as a SEP block in the flowsheet.
AspenBLOCK ID Aspen Purpose Specification
Model
Compress air as required Stages 4Discharge Pressure = 1.3 MPa
AIR-CMPR MCOMPR for the cryogenic air sep Efficiency = 80.4%Efficiency = 80.4%
system Intercoolers 32 OC
Separate air to obtain 95% Various component splitVarious component splitSEP SEP 02 for the gasifier and for fractions
the Claus process
Compress the N2 to the Compressor Mode
N2STAGE2 COMPR delivery pressure of gas Discharge pressure = 3.2 MPa
turbine Efficiency = 83%
Compress the LP N2 to the Compressor Mode
N2STAGE1 COMPR pressure of the HP N2 from Discharge pressure = 1.5 MPa
the cryogenic unit. Efficiency = 83%
Pre-heat the oxygen feed to Pressure Change = 002HX HEATER the Sulfur removal unit. Temperature = 232 OC
Stages = 4
Compress the gasifier 02 to Discharge pressure = 6.8 MPa
the required pressure Efficiency = 73.5%
Intercoolers 31 OC
Extract usable heat out of Pressure Change = 0N2COOL1 HEATER hot LP N2 stream Temperature 121 OC
Extract usable heat out of Pressure Change = 0
N2COOL2 HEATER hot HP N2 stream Temperature 121 OC
SPLIT N2 for sweep gas Split fraction set by sweep gas us-N2SPLIT FSPLIT
and gas turbine diluent age
Set to meet the total Oxy-
gen requirement for the Vary the mass flow of Air enter-
gasifier and Sulfur removal ing into the ASU
unit
Table A.3: Air separation unit
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02HX
02-BOOST
-02O-PRODI
Figure A-2: Air Separation Unit
N2COOL1
N2COOL2
A.4 Gasifier
The modeling premise for simulating gasifier is that gas phase reactions are extremely
fast at high-temperatures in the gasifier and therefore it is assumed that vapor phase
reactions achieve equilibrium inside the gasifier. This means the key performance
parameters are: carbon conversion, energy balance and the extent to which reactions
continue during radiant cooling. The gasifier is represented using standard Aspen
Plus@ models RYield and RGibbs. The RYield model is simply a vehicle to convert
of the coal composition information into molecular chemical species, while the RGibbs
does the work of determining the restricted equilibrium composition in the gasifier.
Reaction Temperature Approach
H2 0 + CO --- CO2 + H2  -200 OC
C + 1/2 02 -- CO 0 OC
C + 02 --- CO2 0 °C
C12 + H2 - 2 HC 0 OC
N2 + 3 H2 --- 2 NH 3  0 C
CH 4 + H 2 0 -- CO + 3H 2  0 OC
S + H2 - H2S 0 oC
CO + S -- COS 0 oC
Table A.4: Gasifier Reactions
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BLOCK ID Purpose SpecificationModel
Mass yields of H 20, C, 02, N2 ,
S, H2 , C12 , Ash are calculated in
Convert coal to molecular the GF-YIELD calculator based
DECOMP RYIELD
species on the Coal ULTANAL specifica-
tions.
Carbon conversion is set to 98%
Combine all materials beforeMIX1 MIXER Adiabaticfeeding to the gasifier
Restricted equilibrium, reactionsDetermine gasifier composi- listed in Table A.4
GASIFY RGIBBS tion based on restricted equi- No pressure loss
librium calculations
Temperature = 1370 OC
Recover heat from gasifier.
This model represents the Temperature = 593 oC based onRADIANT HEA TER
heat recovery using the GE the NETL report
radiant cooling system
Represents the hot gas
contacting the water in the
QUENCH HEATER water sump. Water vapor is Temperature = 210 0 C
added to the gas and thereby
cools the gas.
Separates the slag from the
SLAG SEP SSPLIT syngas. Note that the slag 100% of the solid substreams are
contains the 2% unconverted removed
carbon.
Adjust the 02 flow to gasifier
Design Gasifier temperature =TGASIFY to achieve the target gasifier 1370 °C
temperature
Calculate the loss of heat Heat loss specified as 1% of the
QLOSS Calculator from the Gasifier via heat total coal thermal energy on a
stream Q-LOSS. HHV basis
Calculate the heat of reduc- 80% of Fe2 03 is reduced to FeQREDUCE Calculator tion of Fe20 3 in the coal. and 20% is reduced to FeO
Calculate the heat of melting Heat of fusion value =QFUSION Calculator
and fusion the ash/slag. 230 kJ/kg
Table A.5: Gasifier section specification
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DECOMP --- -- - -- - - - - -...------ ------------
---------- I
I I Q-LOSS
GASIFY
URRY-W MX-
ur~Rv--,: QMELT~
QUENCH
SLAGSEP
Figure A-3: Gasification section
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A.5 Gas Scrubber
The primary purpose of the scrubber in the actual IGCC process is to remove chlorides
and particulate. However, all the solids in the syngas stream are already removed at
the slag separation block of Gasifier section. Therefore, the scrubber simply removes
all the HCI present in the syngas stream using a SEP block.
Figure A-4: Scrubbing section
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A.6 Water Gas Shift Reactors
In this section a two-stage water gas shift reactor system is used to convert CO to
H2. The amount of steam added is set by the STMSHIFT calculator block to achieve
a H20 to CO ratio of 2:1.
BLOCK ID Aspen Purpose SpecificationModel
Adiabatic
Combines the syngas and Steam flowrate is set by the
SH-MIX1 MIXER steam before feeding the STMSHIFT calculator to achievefirst shift reactor
a 2:1 molar ratio for H20: CO
Convert most of the CO to Adiabatic
SHIFT1 RSTOIC H2 and almost all of the 80% conversion of CO
COS to H2 S 98% conversion of COS
Cool syngas after stage 1.
The heat from this cooler
COOLSTG1 HEATER is used to make IP steam Temperature = 232 'Cis used to make IP steam
via transfer block.
Adiabatic
Convert most of the re- Conversion of CO to H2 is de-
maining CO to H2 termined by the thermodynamic
equilibrium
Cool syngas after stage 2.
The heat from this cooler
COOLSTG2 HEATER is used to make i steam Temperature = 232 0 Cis used to make IP steam
via transfer block.
Table A.6: Water Gas Shift Reactors
COOLSTGI SHIFT2 COOLSTO2
SH-3 SH-4 SH-5 SH-6
DUMMY
Figure A-5: Water Gas Shift Unit
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A.7 High Temperature Sulfur Removal
High temperature desulfurization is accomplished using a ZnO-based sorbent process.
The incoming syngas enters the adsorbent bed at 320 C where COS and H2S in the
stream react with ZnO to form ZnS. The spent sorbent is regenerated by burning ZnS
in a Oxygen stream to form ZnO and SO2. The regenerated sorbent is recycled back
to first adsorber and SO2 is reacted with a slip stream of syngas for sulfur recovery.
The reactions are listed in Table A.7
Process Reactions
Adsorption COS + ZnO - CO 2 + ZnS
H2 S + ZnO -* H2 0 + ZnS
Regeneration ZnS + 3/202 --- ZnO + SO 2
Sulfur Recovery SO 2 + 2H 2 -- 1/nSn + 2H 20
SO 2 + 2CO - 1/nSn + 2CO2
Table A.7: Sulfur Removal Reactions
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BLOCK ID Purpose SpecificationModel
Set the temperature of syn- Turbine mode
EXPANDER COMPR gas stream entering sorbent Discharge Pressure = 4.2 Mpa
bed Isentropic efficiency = 0.8
Set the pressure of
HX HEATER syngas stream entering sor- Temperature = 320 OC
bent bed
S-ADS R-STOIC Model capture of Sulfur us- Adiabatic
ing ZnO
Separate sorbent for regen- Removes all the solid ZnO and
eration from syngas stream ZnS for regeneration
Regeneration of sorbent by
SOR-REGN R-STOIC reacting ZnS with 02 from Adiabatic
ASU
No. of Stages = 3
Compress 02 from the ASU No. of Stages02-COMP MCOMPR Discharge pressure = 4.2 MPa
Isentropic efficiency = 0.83
Split part of syngas to react Split ratio set using Calculator
with SO 2 to recover S Block SG-SLIP
SOR-SEP2 SEP Separate regenerated Removes all the solids from the
sorbent from SO 2  stream
React SO 2 with syngas slip Pressure = 4.2 MpaDSRP REQUIL
stream to recover S Adiabatic
Calculate the sorbent re-S-SORB Calculator Capacity assumed to be 5 wt.%quired for Sulfur removal
Calculate 02 required for 02 flow set at stoichiometric flowSREM-O2 Calculator
sorbent regeneration rate
Calculate split ratio for SG- Syngas flow set atSG-SLIP Calculator SPLT stoichiometric flow rate
Table A.8: High Temperature Sulfur Removal
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Figure A-6: High Temperature Sulfur Removal Unit
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A.8 Carbon dioxide Removal
In order to model various high temperature CO 2 removal processes a USER2 block
has been used. At first, the desired temperature and pressure of syngas stream is set
using an expander and heater, after which it enters a membrane or sorbent reactor.
Amount of sweep steam required for the CO 2 removal process is fed to the USER2
block using a Calculator Block. The output from USER2 block is one CO 2 rich
stream and another H2 rich stream.
AspenBLOCK ID Purpose SpecificationModel
Set temperature of syngas Dependent on separationSYN-EXP COMPR
stream process
Set pressure of syngas Dependent on separationSYN HEAT HEATER
stream process
Calculate pressure, tem-
perature and compositionCO 2-SEP USER2 of CO rich and H2 rich Linked to Excel file name
of CO2 rich and H2 rich
streams
Sets the specification on
SWP-STM Calculator amount of steam required processfrom HRSG as sweep gas
Table A.9: Carbon dioxide Removal
Figure A-7: CO 2 Removal Unit
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A.9 Carbon dioxide Compression
The carbon dioxide must be compressed to supercritical pressures in order to be ready
for sequestration. The C0 2 stream is first cooled down to 30 oC and part of that heat
is used to generate steam. It is then dehydrated using a SEP block to remove the
sweep steam. In the actual process the various CO 2 pressure levels are combined
between compressor stages. The specified isentropic efficiency for each compression
stage is 85% and the intercoolers have a specified temperature of 30 oC.
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BLOCK ID Purpose SpecificationModel
Cool the LP CO 2 stream to
30 OC and use heat to gener- Temperature = 30 OCLP COOL HEATER
ate LP steam using transfer No pressure loss
block
Dehydrate the CO 2 stream. Only water is removed in this
WCOND SEP This is a blackbox dehydra- block. H2 0 mole fraction is set
tion model. to 0.0005.
Compressor mode, Stages = 3
Compress the LP-C0 2 to Discharge pressure = 1.1MPa
1.1 MPa. Isentropic efficiency = 0.85
Cooler outlet temp = 30 OC
Compressor mode
Compress the MP-CO2 toC p s mMP COMPR COMPR Discharge pressure = 2.1 MPa
Isentropic efficiency = 0.85
Cool the HP CO 2 stream to Temperature = 30 oCMP COOL HEATER 30 oC No pressure loss
Combine all MP CO2MP MIX MIXER No pressure loss
streams
Compressor mode, Stages = 3
Discharge pressure = 8 MPa
HPCOMPR COMPR Compress CO 2 to 8.0 MPa Discharge pressure - 8 MPaIsentropic efficiency = 0.85
Cooler outlet temp = 30 "C
Cool supercritical CO 2 to
30 OC. This is a supercrit-
ical fluid and therefore the
C02 COND HEATER No pressure lossliquid versus vapor designa- Phase: Liquid-Only
tion is not relevant to the
thermodynamic properties.
Pump the supercritical Discharge pressure = 15.3MPa
CO 2 to 15.3 MPa Pump efficiency = 0.75
Table A.10: CO 2 Compression Unit
121
MP-MIX Q - ------
C02-PUMP
- ----- 
-
I ' MPCOMPR MP-COOL4
Figure A-8: CO 2 compression unit
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A.10 Syngas Expansion and Gas Turbine
This process section generates power by expansion of high pressure syngas to delivery
pressure of gas turbine and then by combustion of diluted hydrogen in the gas turbine.
SGHEAT
Figure A-9: Syngas expansion and gas turbine unit
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I AspenBLOCK ID Purpose SpecificationModel
Generate power by lowering Turbine Mode
EXPANDER COMPR the pressure and tempera- Isentropic efficiency = 80%
ture of syngas. Discharge Pressure = 3.2 MPa
Calculate composition and
GT-COMB RGIBBS temperature of syngas com- Adiabatic
bustor.
Compressor Mode
Pressurize air for combus- Isentropic efficiency = 86.5%AIR-COMPR COMPR
tion in the gas turbine Mechanical efficiency = 0.985
Discharge Pressure = 1.6 MPa
Turbine Mode
Generate power from IP Isentropic efficiency = 89.8%,GT-TURB COMPR
steam. Discharge Pressure 1 bar
Mechanical efficiency 0.988
GT-MIX1 MIXER Combine Syngas with the Adiabatic
Nitrogen diluent.
Split air into two parts. ASplit air into two parts. A Split fraction decided by GT-GT-SPLIT FSPLIT part of air used for cooling TEMPTEMP
turbine blades
Mix the cooling air and the
GT-MIX2 MIXER combustion gas from com- No pressure loss
bustor
Add appropriate amount of Add appropriate amount of Mole fraction of H 2 in syngas
Design N2 diluent to set the LHV targeted to be 0.43 (LHV
Spec of syngas entering gas tur-
125 Btu/scf)bine
Split the amount of cool-
Design ing air to maintain the gas Gas firing temperature set to be
Spec firing temperature within 1323 OC
range
Compress appropriate
Design amount of air to maintain Syngas flow rate set to
Spec fixed molar flow rate of 1.337 x 105 kmol/hr
syngas through the turbine
Table A.11: Syngas expansion and gas turbine
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A.11 Heat Recovery and Steam Generation
This process hierarchy recovers heat from flue gas and other process heat sources to
generate steam. The steam produced is used mostly to drive the steam turbine and
also used, to a lesser extent, for various process needs. The most significant of the
process uses of steam are - the water gas shift reaction and sweep gas for sorbent
regeneration. The heat transferred from the process side to the steam system is
dictated by the process side configuration. The information flow from the process side
to the steam side is achieved using Calculator and Transfer blocks as documented in
Table A.14. Transfer blocks transfer conditions of various high temperature streams
in the process to representative streams feeding into the hot side of MHeatX that
allows heat exchange between multiple hot and cold streams. MHeatX performs a
detailed, rigorous internal zone analysis to determine the internal pinch points and
heating and cooling curves for all streams in the heat exchanger. The heat available
from hot streams is used to generate LP, IP and MP steam from feedwater. An
optimization routine has been set up to maximize the steam generation based on the
heat sources in the process. MHeatX represents the ideal theoretically achievable
heat exchange by automatically sequencing heaters and heat streams to represent a
multistream heat exchanger. This methodology allows the information flow without
using tear streams and enables the flowsheet convergence to be relatively straight
forward.
125
BLOCK ID spen Purpose SpecificationModel
Recovers heat from the
flue gas and other heat
MHX MHEATX sources to superheat, re- As shown in table A.13
heat and preheat various
pressure steam, water and
process streams.
HP-TURB COMPR Generate power from HP Isentropic effciency = 87.5%
HP-TURB COMPR sMechanical efficiency = 98.3%
Discharge pressure = 6 MPa
Isentropic effciency = 87.5%
MP-TURB COMPR eP Mechanical efficiency = 98.3%
Discharge pressure = 2.9 MPa
Isentropic effciency = 89.5%
IP-TURB COMPR eaMechanical efficiency = 98.3%
Discharge pressure 0.45 MPa
Isentropic effciency = 89%
LP-TURB COMPR Generate power from LP Mechanical efficiency = 98.3%
Discharge pressure 1 psi
Condense the steam tur-
bine discharge vapor. The
No pressure lossCONDENSE HEATER vapor is at a vacuum pres-
sure of 1 psia and condenses
at 38.7 OC
Adiabatic, Flow of MP extrac-
Extract steam from the HP tion steam is set by a TRANS-
MP-SPLIT FSPLIT turbine at a pressure we la- FER block based on the amount
bel as MP. of steam required by the water
gas shift reactor.
Combines MP turbine ex-
IP-MIX MIXER haust steam and IP super- No pressure loss
heat steam
IAdiabatic, Flow of extractedExtract steam from super- steam is set by a TRANSFER
SWP-SPLT FSPLIT heated LP steam for sweep block based on the amount of
block based on the amount of
sweep gas needed
Table A.12: Heat recovery steam generation section
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Inlet IP GF HP C02 LP FLUE SH SHIP6
stream: FW HOT FW HOT FW GAS HT1 HT2
Exchanger COLD HOT COLD HOT COLD COLD HOT HOT HOT
side:
Outlet GF C02 SH SHIP1 HP1 LP1 IP7 FG1
stream: COLD CLD CL1 CL2
DEG DEGSpecification: TEMP TEMP TEMP TEMP TEMP TEMP
SUP SUP
Value: 5 593 538 175 5 538 232 232
Units: C C C C C C C C
Table A.13: MHeatX block specification
Transfers from
TRANSFER ID PurposeSubsystem ID
Use heat from compressed N2 after
ASU-HT1 ASU Stage 1 to MHeatX
Use heat from hot C02 stream after
CO2-HT CO2 COMPR
separation from syngas
Use heat from GASIFIER as heat
QRADIANT GASIFIER source for making HP steam
Use heat from first exothermic Water
SHFT-HT WGS Gas Shift reactor
Use heat from second exothermic Wa-
SHFT-HT2 WGS ter Gas Shift reactor
Transfer the amount of steam required
SHIFTSTM SHIFT for WGS reaction
Table A.14: Transfer blocks used in flowsheet for heat integration
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Figure A-10: Steam turbine and heat recovery unit
A.12 Model Analysis and Convergence
An optimization routine has been set up in the flowsheet to maximize the net power
output from steam turbines, based on available heat from flue gas and other high
temperature process streams, constrained on a minimum internal temperature ap-
proach (MITA) value between hot and cold streams in MHeatX. The optimizer varies
the mass flow of HP, IP, and LP feedwater within certain bounds to maximize the
net combined work from all the steam turbines. This is contrained on maintaining
the internal approach temperature between various zones of MHeatX greater than
15 'C with a tolerance of 1%. An SQP-Biegler optimization method was used with
a convergence test option of Kuhn Tucker using Hessian for a maximum of 100 iter-
ations. Additional iterations when constraints are not satisfied were set to 10 with a
tolerance of 0.001.
Objective Constraint Variables
HP feedwater mass flowrate
Minimum Internal bounds: 400000-1000000 kg/hr
Maximize W-STEAM Temperature Approach of IP feedwater mass flowrate
MHeatX - 15 OC with a Bounds: 1000-800000 kg/hr
tolerance of 0.1 LP feedwater mass flowrate
bounds: 1000-700000 kg/hr
Table A.15: Optimization Specification
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